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Bubble column reactors are widely used in industry. The knowledge of gas and liquid
phase mixing and flow pattern in bubble columns is critical to their design, scale up and
operations. In this work, a two phase phenomenological model, based on the physical
description of the bubble column system in both bubbly and churn turbulent flow, is
developed and presented. The model accounts for observed large scale recirculation of

liquid and gas phase and for crossmixing between the upflow and the downflow regions.



A bimodal bubble size distribution is assumed. A bubble column is represented by nine
different regions: upflow region for large bubbles, upflow and downflow regions for
small bubbles, upflow and downflow regions for the liquid phase, the distributor and
disengagement zones for the gas phase, and liquid inlet and outlet mixing zones. The
interactions between the upflow and downflow of liquid, between the upflow and
downflow of small bubbles and between large and small bubbles, are all incorporated in
this model based on available fundamental and phenomenological relations. Coupling
between the phases is brought in through the mass transfer terms. A weighting factor,
describing the relative contribution to mass transfer for different size bubbles and in

different regions, is defined. Liquid phase chemical reaction is also accounted for.

The model is presented for two cases: one with continuous flow of both liquid and
gas, and the other for batch liquid with continuous flow of gas. An implicit finite
difference routine is developed to obtain the residence time distribution numerically for
tracer data analysis. Concentration profiles in different regions as a function of time on
stream are predicted. The comparison of model predictions with data from the Hterature
in various bubble column sizes is presented. It is found that the model can satisfactorily

represent a variety of operating conditions.

The developed recycle with cross flow model (RCFM) is used to predict bubble
column performance for a number of liquid phase reaction schemes. In addition,
tracer impulse responses are predicted based on the model at various column locations
subject to tracer injection at different positions in the column for both batch and

continuous flow of liquid.



TABLE OF CONTENTS

Page
Introduction. .. ... . e 1
Research Objectives. . .....vuuuuniniinii it 5
Review of the Recycle with Cross Flow Model (RCFM)..........0oevvnnnn. 6
Two Phase Recycle with Cross Flow Model (TRCFM)........ccvvvvnnn... 8
4.1 Physical Basis for the Model and its Assumptions. . .. .. ... ............ 12
4.2 Mathematical Models and Boundary Condition ............. ... . 15
4.2.1 Churn TurbulentRegime ............. ... ... ... ... ... 15
42.1.1 Continuous Flow of Gasand Liquid . .. .......... ... . 16
4.2.1.2  Continuous Flow of Gas and Batch Liquid............... 24
422 BubblyFlowRegime ................ ... ... ... . .. . ... . 26
43 Computational Method ............. ... ... .. ... ... .. ... 28
Mathematical Model for the Subcases of the TRCFM ..........ooonvn.n... 29
5.1 Subcase of TRCFM for Liquid Phase Mixing with Chemical Reactions . . . . . 29
5.1.1 Single Irreversible Reaction . .............. ... ... ... .. ... . 31
5.12  Consecutive (Series) Reactions . .. ............. ... .. ... ... 32
513 Parallel Reactions . ............. ... ... ... ... ... ... ... . 34

5.2 Tracer Response Prediction for the Injection of Tracer at the
Middleofthe Column . ....... .. .. .. ... ... .. ... .. . . . .. ... 36
5.3 Subcase of TRCFM for Gas Phase Mixing . . ... ............ .. ... .. ... 39
53.1 Churn Turbulent Regime . .............. ... ... . ... ... .. . ... 39
532 BubblyFlowRegime..................... ... ... .. ... .. 41
Evaluation of Model Parameters .. ...........ouurenrnnenneninnnnnnnn.. 43
6.1 Model Parameters .. ............... ... ... ... . 43
62 Holdup...... ... . 46
621 AverageHoldup....... .. ... ... ... . . . .. . ... . . . ... 46
622 LocalHolup........... ... .. ... .. .. ... . . . . .. . ... 50

i



TABLE OF CONTENTS

( continued )

No.

6.3 One Dimensional Liquid Phase Flow Model
6.4 Slip Velocity
6.5 Mean Residence Time in Various Regions
6.6 Recycle Ratio for Small Bubbles and Liquid
6.7 Crossmixing Coefficient for Both Gas and Liquid Phase
6.8  Volume of Each Region

6.9 Mass Transfer Coefficient and Interfacial Area

7.} Concentration Distribution and Conversion Profiles
for a Simple Reaction

7.2 Concentration Distribution and Conversion Profiles
for Series Reactions

7.3 Concentration Distribution and Conversion Profiles
for Parallel Reactions

7.4 Concentration Distribution for the Tracer Injected
in the Middle of the Bubble Column

7.5 Concentration Distribution of Impulse Liquid Tracer Injected
at the Bottom of the Column for Continuous Flow of Gas and
Batch Liquid Operation

8 Application of TRCFM
8.1 Application of Subcase of TRCFM for
Gas or Liquid Phase Mixing

8.1.1 Myers et al.(1987) s Tracer Data for Liquid Phase Mixing

8.2 Application of TRCFM for Two Phase Mixing with Mass Transfer

v

-----------------

-------------------------------------------

8.1.2 Towell and Ackerman (1972)’s Tracer Data for Gas Phase Mixing .. ..



TABLE OF CONTENTS

(continued)

No. Page
8.2.1 Shetty et al. (1992)’s Data for a Small Size Bubble Column . . . ... . 91

8.2.2 Field and Davidson (1980)’s Data for a
Large Size Bubble Column . . .............. .. ... . ... .. .. . . . 97
8.2.3 SomePredictions............ ... .. ... ... . .. 101
8.2.3.1 Concentration Profiles in Fach Region................. 101
8.2.3.2  Concentration Profiles Along Longitudinal Direction . . . . . 105
8.2.33 Solubility Effect................... .. ... ... ... . 108

8.2.3.4 Effect of Mass Transfer Coefficient on the Tracer Curves . .109

....................................................... 112
10 Recommendations for Future Work . .........ovuuus o 115
11 Referemces . ..o oo i e e 117
12 Vita oo e 129



LIST OF TABLES

No. Page
6.1 Average Gas Holdup Correlation .. ............... ... ... . ... ... .. . . . . ... 46
6.2 Local Gas Holdup Correlation. . ............ .. ... .. ... .. ... .. ... . .. 50
6.3 Correlation for Turbulent Kinematic Viscosity . ......... ... ... .. ... .. ... . 56

6.4 Mass Transfer Coefficient Correlation

................................... 67
8.1 Summary of Parameters Used to Fit Shetty et al. (1992)’s Experimental
Databy Using TRCEM ... ... ... . 56
8.2 Summary of Parameters Used to Fit Field and Davidson (1980)’s
Experimental Data by Using TRCFM . .. ....... ... .. .. .. . . . ... ... 100

vi



No.

3.1

4.1

4.2

43

4.4

4.5

5.1

5.2

5.3

54

6.1

7.1

7.2

LIST OF FIGURES

Page

Liquid Phase Recycle with Cross Flow Model (RCFM) .. .............. ... .. . 7
Schematic Diagram of Liquid and Small Bubble Time Average Interstitial

Velocity Profiles in Bubble Column Reactors . ... ................ ... . 10
Typical Diagram of Gas-Liquid Bubble Column Reactors . . ... ........... 13
Schematic Diagram of TRCFM for Continuous
FlowofGasand Liquid . .......... ... . ... ... .. .. ... ... ... 14
Schematic Diagram of TRCFM for Confinuous Flow

of Gasand Batch Liquid . .. ........... ... ... ... .. . .. . . .. ... ... 25
Schematic Diagram of Two Phase Recycle with Cross Flow Model

in Bubbly FlowRegime .. ........... ... .. ... ... .. .. .. .. ... . 27
Schematic Diagram of Liquid Phase Recycle with Cross Flow Model

for Single Irreversible Reaction ( 4 _J‘f_l_> B) oo 30
Schematic Diagram of Recycle with Cross Flow Model for Tracer
Injected in the Middle of a Bubble Column . . .......... ... ... ... ... . .. 37
Schematic Diagram of Gas Phase Recycle with Cross Flow Model

in Churn Turbulent Regime . ..... .. ... .. ... ... ... .. ... ... .. ... ... . .. 40
Schematic Diagram of Gas Phase Recycle with Cross Flow Model

m Bubbly Flow Regime . . ........... ... ... ... ... . ... .. . ... 42
Procedures for Caleulating Parameters . .. ..................... . ... ... ... 44
Reactant Concentration Distribution in the Upflow and the Downflow Regions

along the Height of the Column as a Function of Time,

A —jfw-) Bk =01(1/s) (Step Input of Reactant) . . ....... ... ... ... ... ... . .. 71
Product Concentration Distribution in the Upflow and the Downflow Regions

along the Height of the Column as a Function of Time,

A —~—k—> B,k =01(1/s) (StepInput of Reactant) . ................... ... ... 72

Vil



LIST OF FIGURES
(continued)

No. Page

7.3 Reactant Concentration Distribution in the Upflow and the Downflow Regions
along the Height of the Column as a Function of Time,

A w—k—) B,k =0005(1/5) (Step Inputof Reactant) . . .......... ......... ... 72
7.4 Product Concentration Distribution in the Upflow and Downflow Regions
along the Height of the Column as a Function of Time,

A w—k~—> B,k =0.005(1/5) (Step Input of Reactant) . .............. ... ... ... 73

7.5 Steady State Reactant Concentration Profiles for Different Rate Constants

as a Function of Longitudinal Height of the Column for a Single Irreversible
Reaction

7.6 Conversion as a Function of Height in the Bubble Column for a Single
Irreversible Reaction .. .......... ... .. .. .. .. ... . ... ... 74

7.7 Reaction Concentration Distribution in the Upflow and Downflow Regions
along the Vertical Position of the Bubble Column as a Function of Time

on Stream, A—1 55 %2 L& ky=002s"  ky = 00055t 75

7.8 Intermediate Product B and Product C Concentration Distribution in the Upflow
Region along the Vertical Position of the Bubble Column as a Function of Time

2 ¢ ky=0025" by = 0005571 . 76

on Stream, A ki > B

7.9 Intermediate Product B and Product C Concentration Distribution in the
Downflow Region along the Vertical Position of the Bubble Column
as a Function of Time onStream,

PRI N Be) k1 =002s 1 ky =0005s7h 76

7.10 Conversion and Reactant Concentration as a Function of Height in the Column

for Series Reactions, A~ 55 %2 , ¢ ky=0025" 1 ky =0.00557 .. 77

7.11 Reactant Concentration Distribution in the Upflow and the Downflow Regions
along the Vertical Position of the Bubble Column as a Function of Time

2,0 k=025l ky=005sh L 78

viil

on Stream, 4 k1 > B, A



LIST OF FIGURES

(continued)

No. Page

7.12 Product B and C Concentration Distribution in the Upflow Region along the
Vertical Position of the Bubble Column as a Function of Time on Stream,

A p k2 o k=025 ky =005 79

7.13 Product B and C Concentration Distribution in the Downflow Region along the
Vertical Position of the Bubble Column as a Function of Time on Stream,

A g4 k2 o k=025 ky=00ss7 80

7.14 Conversion and Concentration versus Vertical Positions atong the Column for
Parallel Reactions . . ........ ... ... .. .. .. . . . 81

7.15 Tracer Response in the Upflow Region of the Column with Tracer Injection in
the Middle of the Column . .......... .. ... .. ... ... .. . . 82

7.16 Tracer Response in the Downflow Region of the Column with Tracer Injection
inthe Middle of the Column ... ............ ... ... ... .. . . . . . . . ... ... 82

7.17 Cross Sectional Average Tracer Concentration versus Time on Stream with
Tracer Injection in the Middle of the Column . ... ..... ... ... ... .. . ... .. 84

7.18 Prediction of Concentration Profiles in the Upflow Region of the Liguid
for the Impulse Liquid Tracer Response in the Batch Liquid Operation
by Using RCEM . ... oo 86

7.19 Prediction of Concentration Profiles in the Downflow Region of the Liquid
for the Impulse Liquid Tracer Response in the Batch Liquid Operation by
Using RCEM . ..o 86

7.20 Cross Sectional Average Tracer Concentration versus Time on Stream with
a Pulse of Tracer Ijjected at the Bottom of the Column in the Batch
Liquid Operation. . . ..., 87

8.1 Comparison of the RCFM, Slug and Cell Model Predictions with Myers et al.

(1987)’s Experimental Data in Air-Water System (Continuous Flow of Gas and
Liquid) ..o 89

x



8.2

8.3

8.4

8.5

8.6

8.7

8.8

8.9

LIST OF FIGURES

(continued)

Page

Comparison of Towell and Ackermann (1972)’s Data with TRCFM Simulation
Results (Superficial Gas Velocity = 0.0326 m/s, Superficial Liquid Velocity =
0.0135 m/s, D = 0.4064 m, H=3.42 m, Gas Holdup = 0.133, Ko12 = 1.05,

Freon Gas Tracer, Air Water System)

Comparison of Towell and Ackermann (1972)’s Data with TRCFM Simulation
Results (Superficial Gas Velocity = 0.0344 m/s, Superficial Liquid Velocity =

0.0072 m/s, D = 1.067 m, H=5.11 m, Gas Holdup = 0.139, Kglg = (.9, Freon
Gas Tracer, Air Water System) ... ............ ... 92

Effect of Interaction Between Large and Small Bubbles
(Kg13 =1000 and K13 =10000) on the Tracer Curves .. .............. ... 95

Comparison of TRCFM, ADM Simulation Results at the Outlet of the Column
with Shetty et al. (1992)’s Experimental Data. For simulation of TRCF M,
Kg12 = 175, K12 = 80, (kia)' = 0.0234 1/s, (kia)*=0.1039 1/s ... ... ....... 97

Comparison of Field and Davidson’s Experimental Data of Soluble Gas Tracer
(1980) at the Outlet of the Bubble Column with TRCFM Simulation Results
(Continuous Flow of Gas and Liquid) .. ............ ... ... .. ... .. . ... . 101

Soluble Gas Tracer Step Response of Small Bubbles in the Upflow Region
along the Height of the Bubble Column Based on TRCFM and Operating
Conditions from Shetty etal. (1992) . ......... ... ... .. . . . 102

Soluble Gas Tracer Step Response of Small Bubbles in the Downflow Region
along the Height of the Bubble Column Based on TRCFM and Operating
Conditions from Shetty etal. (1992) . ................. ... .. . .. . ... .. ... 103

Soluble Gas Tracer Step Response of Large Bubbles in the Upflow Region along
the Height of the Bubble Column Based on TRCFM and Operating Conditions
from Shetty etal. (1992) .. ... ... 103

8.10 Soluble Gas Tracer Step Response of Liquid in the Upflow Region along the

Height of the Bubble Column Based on TRCFM and Operating Conditions
X



LIST OF FIGURES

(continued)

No. Page

from Shetty etal. (1992) . .............. .. .. . 104

8.11 Soluble Gas Tracer Step Response of Liquid in the Downflow Region along the
Height of the Bubble Column Based on TRCFM and Operating Conditions from
Shettyetal. (1992) . ... . 104

8.12 TRCFM Prediction of Impulse Soluble Gas Tracer Response for the Small
Bubbles in Upflow Region at Different Vertical Positions in the Bubble Column

(Operating Conditions from Shetty et al. (1992)) .o 106
8.13 TRCFM Prediction of Impulse Soluble Gas Tracer Response for the Small

Bubbles in Downflow Region at Different Vertical Positions in the Bubble

Column (Operating Conditions from Shetty et al. (A992)) ... 106

8.14 TRCFM Prediction of Impulse Soluble Gas Tracer Response for the Large
Bubbles in Upflow Region at Different Vertical Positions in the Bubble Column
(Operating Conditions from Shetty et al. ( 1992y oo 107

8.15 TRCFM Prediction of Impulse Soluble Gas Tracer Response for the Liquid in
Upflow Region at Different Vertical Positions in the Bubble Column (Operating

Conditions from Shetty etal. (1992)) . ........ ... ... ... .. . ... . 107
8.16 TRCFM Prediction of Impulse Soluble Gas Tracer Response for the Liquid in

Downflow Region at Different Vertical Positions in the Bubble Column

(Operating Conditions from Shetty etal. (1992)) . ............. .. ... ... .. .. 108

8.17 Solubility Effect on the Gas Tracer Curves at the Outlet of the Column based on
TRCEM .o 109

8.18 Effect of Mass Transfer Coefficients on the Impulse Soluble Gas Tracer Curves at
the Outlet of the Column based on TRCFM

Xi



GLOSSARY

a = interfacial area (m2 Im’ )

Ar = free area of gas distribution (m2 )}

C = concentration (mol / m )

d = bubble diameter (m)

D = column diameter (m)

E(t) = derivative of residence time distribution
F(t) = step input response

g = gravitational acceleration (m/ sz)

H = Henry’s constant

H(t) = Heaviside’s step function

k = reaction rate constant for first order reaction (1/5)
ke = exchange coefficient ( m?/ 5}

k; = mass transfer coefficient (m/s)

K. = dimensionless crossmixing coefficient

1 = Prantl’s mixing length (m)

L = column height (m)

Q = volumetric flow rate (m3 /5)

r = recycle ratio

R = column radius (m)

t = time ()

S¢ = Schmidt number

U = superficial velocity (m/s)
u = interstitial velocity (m/s)
¥ = mean interstitial velocity (m/s)

ug = slip velocity (m/s)

Xii



V = volume (m3 )

X = dimensionless position along longitudinal direction
Greek letters

& = gashold up

€ = average gas hold up

p = density (kg/ m }

Ap = density difference between liquid and gas ( kg / m’ )

n = viscosity { ¢p )

surface tension of liquid ( N /m> )

Q
i

f

T = residence time ( sec)

4 = liquid viscosity (cp)

I

n; liquid viscosity (¢p)

- el 2
Vi = molecular viscosity (m“/s)

vy = turbulent kinematic viscosity (m2 /5)
6 = delta function

Subscript

b = bubble

g ~ gas

gl = large bubble

gs = small bubble

gin = inlet of gas

Zowm = outlet of gas

go = gasatt=0

gy = small bubble in upflow region

g12 = between small bubbles in upflow and downflow

x1il



g13 = between small bubbles in upflow and large bubbles

g2 = small bubble in downflow region
g3 = large bubble in upflow region

{ = liquid

I, = inlet of liquid

fp = liquid at t=0

lowt = outlet of liquid

LB = large bubble

ly = liquid in upflow region

lig = liquid a in upflow region

lip = liquid b in upflow region

Ne = liquid ¢ in upflow region
Iy = between upflow and downflow of liquid
[ = liquid in downflow region

g = liquid a in downflow region
lp = liquid b in downflow region
he = liquid ¢ in downflow region
large = large bubble

0 = central

s = small bubble

SB = small bubble

total = t

frans = transition

w = wall
Superseript
1 = large
s = small

Xiv



ACKNOWLEDGMENTS

[ would like to deeply express my gratitude to my adviser Dr. Milorad P. Dudukovic’
for his support, constructive criticism through all the work of my thesis. His tremendous
source of inspiration conducts me to develop new models. The discussion between us and
his critical review of my thesis help me to dive into the world of bubble column reactors,
enhance my research ability and also improve my English proficiency. The way to study

and work I learned from him definitely benefits for my future career.

[ 'am very thankful to my colleagues, Dr. Salesh Kumar for the discussion of one
dimensional liquid phase model and the source of some important reference to initiate the
bubble column research. Ms. Sujatha Degalessan for her help in developing the two phase
recycle with cross flow mixing model, providing the liquid phase tracer data and critical
review of my thesis. My appreciation also goes to Mr. Puneet Guopta and Mr. Shantanu
Roy for their critical review of my thesis and Dr. Baisheng Zhou for the helpful

discussion. Dr. Al-Dahhan Muthanna for the review of my thesis.

I am also grateful for the support received from the industrial participants of the
Chemical Reaction Engincering Laboratory (CREL) consortium and the Fellowship from
the Department of Chemical Engineering during my study at Washington University. In
addition, I would like to thank the support of the Department of Energy via Air Product
Contract No. DOE-FC 22-95 PC 95051.

Finally, I wish to deeply express my thanks to my wife Yehua (Emily) Yang for her

love and support. The encouragement of my parents is also greatly appreciated.

XV



Modehng of Gas and Liquid Phase Mixing with

Reaction in Bubble Column Reactors

1. Introduction

Bubble column reactors are widely used in diverse engineering applications. Typical
uses in chemical industry include hydrogenation, chlorination, oxidation, sulphonation,
gas purification and etc. (Deckwer, (1985), Menzel et al. (1990) and Shetty et al. (1992)).
In petrochemical applications, bubble column reactors have a distinct advantage over
other processes such as fixed bed reactors in their uniform temperature distribution and
effective heat transfer. They are also frequently being used in fermentation such as beer
production (Liibbert and Larson, (1990), (Liibbert, (1991)), Fischer-Tropsch synthesis
(Bukur, et al. (1986})) and production of liquid fuels from biological materials and natural
gas (Toseland et al. (1994)). Recently, the increasing demand for bubble columns in the
field of biotechnology, biochemical engineering as well as in waste water treatment and

in syngas conversion processes makes extensive studies of bubble column reactors more

and more important.

The ultimate goal in bubble column research is to rapidly scale up from laboratory
size to pilot plant size and finally to industrial bubble column scale. It has been found that
both gas and liquid phase mixing behavior, turbulent intensity and residence time
distribution of both phases are critical to the design, scale-up and operation. During the
past two decades, modeling of the mixing behavior of both gas and liquid phases has been
widely investigated but it is not yet completely successful. This is due to the difficulties in
describing the following: 1. complexities of liquid backmixing behavior including chaotic
phenomena; 2. bubble size distribution in the churn turbulent regime (heterogeneous

regime); 3. the difference in the mixing caused by large and small bubbles, and the



interaction among bubbles in churn turbulent regime due to coalescence and break-up of

bubbles; and 4. interfacial mass transfer process coupled with chemical reaction.

It is believed that the ultimate representation of physical phenomena in a bubble
column system relies on the complete solution of fundamental governing hydrodynamic
equations. Improved understanding of many effects results from the use of computational
fluid dynamic codes (e.g. CFDLIB codes from Los Alamos by Kashiwa and Core (1991)
and Lubbert and Lapin (1994)). Although extensive studies of computational
hydrodynamic models continue in this field, due to the complexities of the system and the
limitations of the current computer, it may take quite a long time to achieve a complete
solution of the fundamental models. Therefore, a phenomenological model, which
captures the observed phenomena and physically describes the bubble column system is

urgently required to meet our current needs.

A review of the past literature reveals that most of the models for mixing in bubble
column reactors are often restricted to the liquid phase, and modeling of gas phase mixing
is much less frequently described. Furthermore, modeling of both gas and liquid phase
mixing with the impact on chemical reaction and mass transfer is even more scarcely
reported. Nearly all the reported models for the gas phase and for the liquid phase are
based on the axial dispersion model (ADM) such as those of Field and Davidson (1980),
Towell and Ackerman (1981), Kawaoe et al. (1988), Van Vuuren (1991), Shetty et al.
(1992), Modak et al. (1993) and Toseland et al. (1994). In Shetty et al.’s (1992) paper, a
bimodal bubble size distribution is incorporated in the ADM. Furthermore, Modak et al.
(1993) illustrated through regression analysis that the exchange coefficient between large
and small bubbles in the churn turbulent regime is very large, which implies that the

concentration in the large bubbles and the surrounding small bubbles is similar.
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Very few papers have relied on a phenomenological backmixing model, such as
papers by Myers et al. (1987) and Degalessan et al. (1996), but these are only applied to
the liquid phase in a bubble column reactor. Although the axial dispersion model has
been successfully used in many situations, as has been pointed out by Levenspiel and
Fizgerald (1983) and Deckwer and Schumpe (1993), this model is over stmplified and is
not a good choice for bubble column reactors. This is because the axial dispersion model
usually describes a small deviation from the plug flow. Experimental observations
recently reported by Lubbert and Larson (1990) and Devanathan et al. (1990) indicated
that the liquid behavior is dominated by large scale convection rather than random and
small scale phenomena. In the churn turbulent regime with high superficial gas velocity,
the bimodal bubble size distribution was assumed for the gas phase by Vermeer and
Krishna (1981) and Shah and Joseph (1985). The flow in that regime becomes chaotic,
and is characterized by fast moving large bubbles in the presence of small bubbles which
are carried with the recirculated liquid. The gas phase mixing is also one of the important
hydrodynamic parameters to be considered in the scale-up of a bubble column system,
which physically, can’t be simply modeled by ADM! It is noteworthy that the reason for
selecting ADM in the past has been the fact that ADM is simple and only has one
parameter and, from the mathematical point of view, it can sometimes fit the
experimental residence time distribution (RTD) data. Therefore, a new phenomenological
model that relies on the realistic physical picture of a bubble column reactor, and also fits

the experimental RTD curves, needs to be developed.

Recycle with cross flow model (RCFM) is a good choice. It was first developed in
1970 by Hochman and McCord and was successfully applied for tall tanks with a number
of axial impellers. Myers et al. (1987) and Degalessan et al. (1996) extended its
application by successfully implementing the model to describe backmixing of the liquid
phase in bubble column reactors. Froment and Bischoff (1990} have also noted the

applicability of this model for the bubble column system. However, a reaction scheme has
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never been included in the model, only the injection point of tracer at the bottom or at the
top of the column was considered. In addition, the model was only used previously in the

liquid phase. The applicability of the model for gas phase mixing is unknown.

Recent experimental evidence (Devanathan et al. (1990), Yang et al. (1993) and
Degalessan et al. (1996)), confirms the existence of large single liquid recirculation cell
in bubble columns. Data obtained by Computer Aided Radioactive Particle Tracking
(CARPT) also indicates the existence of radial eddy diffusivity which can be modeled by
a cross flow exchange coefficient. Hence, a recycle with cross flow model represents a
good physical basis for modeling bubble column system. In this work, we prepare to use
such a physical basis and develop a model for gas and liquid phase mixing with mass
transfer and reaction. The capabilities of the model for predicting tracer test results and

reactant conversions will then be tested.



2. Research Objectives

The overall objective of this work is the development of a new phenomenological
model, two phase recycle with cross flow model (TRCFM), to describe, based on the

available physical evidence, the two phase bubble column reactors in both churn turbulent

and bubbly flow regimes.

Specifically, the following goals have been set:

f—

. Development of a two phase recycle with cross flow model (TRCFM).

2. Determination of model parameters from experimental observations and empirical

correlations.

3. Development of TRCFM subcases for representation of liquid phase mixing together
with different chemical reaction schemes (single irreversible reaction, series reactions

and parallel reactions) in the liquid phase for both continuous liquid flow and batch
liquid processing.

4. Development of a TRCFM subcase for representation of gas phase mixing.

5. Testof the model with tracer experimental data for different size of bubble column

reactors.



3. Review of the Recvcle with Cross Flow Model (RCFM)

Hochman and MeCord (1970) proposed a liquid phase mixing model, the recycle
with cross flow model (RCFM) to describe residence time distributions in a tall stirred
tank with multiple axial impellers. Later, this model was extended to be used for liquid
phase mixing in bubble columns by Myers et al.(1986). They divided the liquid phase of a
bubble column into two regions: upflow in the core region (L1) and downflow in the
annular region (L2). (See Figure 3-1). In such a system, the shear stress generated
between the upflow and the downflow streams results in substantial crossmixing between
two streams. The residence time distribution in each region and the recycle ratio, defined
as the ratio of liquid phase volumetric flowrate in the downflow region to the inlet liquid
volumetric flowrate, can be determined if the liquid phase interstitial velocity and the gas
holdup profiles are known. The liquid phase velocity and the gas holdup profiles can be
obtained either through empirical correlations, such as proposed by Miyauchi and
Ueyama (1979), Anderson and Rice(1989) and etc., which will be discussed later in
detail, or by experimental means. Typical examples of advanced experimental approach
can be found in the studies by Devanathan et al. (1990) and Kumar et al. (1994). They
used the Computer Automated Radioactive Particle Tracking (CARPT) facility together
with Computer Tomography (CT) facility to experimentally determine the interstitial
liquid velocity and the gas holdup profiles. The only remaining parameter of the RCFM

model that needs to be fitted is the “exchange coefficient”,Kjj7. This parameter

quantifies the “communication” between the upflow and downflow regions.
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FIGURE 3-1. Liquid Phase Recycle with Cross Flow Model (RCFM)



4. Two Phase Recycle with Cross Flow Model (TRCFM)

Based on the experimental observations by Hill (1974), Devanathan et al. (1990),
Grienberger and Hoffmann (1992) and Krishna and Ellenberger (1995), in bubble
columns, large scale liquid circulation exists. The liquid ascends in the core region of the
column and descends in the annular region close to the wall, which results in the overall
liquid circulation and forms what is called a “cell pattern”. In the homogeneous regime,
e.g. bubbly flow regime, the superficial gas velocity is lower than the transition velocity,
which is defined as the velocity where the flow pattern changes from the homogeneous
regime 1o the heterogeneous regime (Vermeer and Krishna (1981), Krishna et al, (1994)
and Krishna and Ellenberger (1995)). In the bubbly flow regime, it is assumed that only
small bubbles of uniform size exist. These small bubbles, which are carried with the
recirculated liquid, exhibit a slip velocity between the gas and the liquid. The motion of
the small bubbles in the bubbly flow regime exhibits two different flow patterns. Small
bubbles may rise in the core of the column or descend in the annular region close to the
wall due to the downward velocity of liquid. In that situation, gas recirculation is induced
by liquid circulation, and there is interaction between the upflow of the liquid and the
downflow of the liquid and between the upflow of the small bubbles and the downflow
of the small bubbles due to the shear stress between these two regions. On the other hand,
in the case when the slip velocity is large enough to compensate for the downward
velocity of the liquid, no small bubbles will move downward and, therefore, there will be
no gas phase recirculation. In one of the cases of the new model, the first situation is

assumed for representing the bubbly flow regime.



The heterogeneous regime, where the superficial gas velocity is high enough so that
there is a distinct bimodal bubble size distribution, is usually called the “churn turbulent
regime”(Vermeer and Krishna (1981), Krishna et al. (1994) and Krishna and Ellenberger
(1995)). In this regime, because of bubble coalescence and break-up, there is interaction
not only between bubbles of the same size but also among bubbles of different sizes. Due
to the extreme complexities of bubble interaction and bubble size distribution, two
bubble sizes (large and small bubbles) are assumed here. This is a good assumption since
the bimodal bubble size distribution is seen from the experimental observations by means
of dynamic gas disengagement (DGD) experiments. The large bubbles are assumed to rise
in plug flow near the core region of the bubble column with higher velocity; the small
bubbles, however, which are carried by the recirculated liquid, travel with lower velocity.
The velocity difference for two different sizes of bubbles is due to the difference in slip
velocity which is related to bubble size. The recirculation of small bubbles consists of
upflow in the core region and downflow in the annular region. Figure 4-1 shows the

typical velocity profiles for the small bubbles and the liquid, and for the volume occupied
by each phase in each region. It is seen that the volume ¥ ol +Vg3 - Vgl1 represents the

volume of small bubbles in the upflow region where the interstitial velocity of the liquid
is above zero. V;lrepresents the partial volume of the small bubbles in the upflow region

where the interstitial velocity of the liquid is less than zero. Vgois the volume of the

small bubbles in the downflow region. 7;is the volume of the liquid in the upflow

region. Vyo1s the volume of the liquid in the downflow region. V£]2 1s the partial volume

of the liquid in the downflow region where the interstitial small bubble velocity is greater
than zero. In addition, due to the shear stress between the upflow and the downflow of the
small bubbles and the liquid itself, it is assumed that interaction exists between the small
bubbles in the two flow regions as well as between the liquid in the two flow regions.

This interaction is described via an exchange coefficient which will be discussed in detail
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later. In addition, the exchange coefficient between the small and large bubbles is also
defined in the model. This allows for the coalescence and break-up of the bubbles to be

accounted for,

SB1, SB2

&

-
V)

FIGURE 4.1. Schematic Diagram of Liquid and Small Bubble

Time Average Interstitial Velocity Profiles in Bubble Column Reactors

The proposed model may also be applied for the case where interfacial mass transfer
18 present, such as for the gas component that is partially absorbed in the liquid or for a
soluble gas tracer injected in the bubble column for tracer study. The mass transfer
coefficients representing the large bubbles and the liquid, and the small bubbles and the
liquid, are defined in the model to couple the phases. The model may also be applied for
liquid phase chemical reactions when the reaction term is incorporated in the model

equations.
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Based on the above assumptions, a two phase recycle with cross flow model
(TRCFM) emerges to physically describe gas and liquid phase mixing and numerous
interactions among bubbles of the same and different size, between the liquid in upflow

and downflow regions, between gas and liquid phase (mass transfer) as well as liquid

phase reactions.

In churn turbulent regime (heterogeneous regime), the bubble column is assumed to

be divided into nine different regions:

oy

. Large bubble upflow region (LB)

2. Small bubble upflow region (SB1)

3. Small bubble downflow region (SB2)

4. Liquid upflow region (L1)

5. Liquid downflow region (L2)

6. Distributor region for the gas phase at the inlet of the column (GM1)

7. Disengagement region for the gas phase at the outlet of the column (GM2)

8. Mixing zone of the liquid phase at the inlet of the bubble column (LM1)

9. Mixing zone of the liquid phasc at the outlet of the bubble column (LM2)
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Figure 4-2 schematically represents the phenomenological picture of a bubble column

with bimodal bubble size distribution.

Figure 4-3 schematically represents the phenomenological basis for deriving the
model equations for the two phase recycle with cross flow model (TRCFM). Nine regions
are assumed. The soluble gas enters the bottom of the bubble column, then distributes
into two bubble classes, large bubbles traveling in the upflow region (LB), small bubbles
entrained by the recirculation of the liquid, traveling in both the upflow region (SB1) and
the downflow region (SB2). The liquid also enters at the bottom of the bubble column
and is in upflow in the L1 region and in downflow in the L.2 region. The arrows shown in
Figure 4-3 represent the various interactions between the large bubbles and the small
bubbles in the upflow region, between the small bubbles in the upflow region and the
small bubbles in the downflow region, between the liquid in the upflow region and the
liquid in the downflow region, and the mass transfer effects between the large bubbles
and the liquid in the upflow region, between the small bubbles in the upflow region and
the liquid in the upflow region, between the small bubbles in the upflow region and the
liquid in the downflow region, between the small bubbles in the downflow region and the
liquid in the downflow region. GM1, LM1, GM?2 and LM2 represent the gas distributor
zone, the liquid inlet zone, the gas disengagement zone and the liquid outlet zone,
respectively. For simplicity, it is assumed that these four regions have negligible

residence times. The liquid and gas leave from the top of the bubble column.
4.1 Physical Basis for the Model and its Assumptions
The following assumptions are made:

L. Bubbles are classified into two classes, large bubbles as dilute phase and small

bubbles as dense phase (Vermeer and Krishna, (1981), Krishna et al. (1991), Krishna et.
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al. (1994) and Krishna and Ellenberger, (1995)). In the bubbly flow regime, only small

bubbles are assumed to exist.

2. It is assumed that large bubbles (LB) travel in plug flow near the core of the bubble

column with higher rise velocity (Shetty et al. (1992), Krishna et al. (1994)) than the

small bubbles.

3. The small bubbles are assumed to be partially backmixed and travel with lower

velocity. Since they are recirculated along with the liquid phase (Shetty et al. (1992),
Krishna et al. (1994)), it is assumed that the motion of small bubbles (SB1, SB2) can be

modeled by recycle with crossflow, and the gas phase for small bubbles is, therefore,

divided into two regions (upflow and downflow).
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FIGURE 4-3. Schematic Diagram of TRCFM for

Continuous Flow of Gas and Liquid

4. Liquid phase motion and exchange (L1, L.2) are also modeled by recycle with cross
flow. Liquid phase in the column is divided into two regions (upflow and downflow).
This is due to the experimental observation of the overall liquid recirculation behavior in

the bubble column (Myers et al. (1987), Devanathan et al. (1990) and Degalessan et al.
(1996)).

5. There is no interaction among large bubbles, but interaction is allowed between small
bubbles (Shetty et al. (1992)), and between large and small bubbles (Modak et al. (1993)),
except for the gas disengagement zone and for the gas distributor zone. The interaction
between large and small bubbles is accounted for by the coalescence and the break-up of
bubbles (Modak et al. (1993)).
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6. (as is soluble, mass transfer effect is allowed.

7. The distributor zone for the gas inlet can be modeled as a perfect mixer with negligible

residence time.

8. The gas disengagement zone can also be modeled as an ideal mixer with negligible

residence time.

9. The hquid inlet mixing and outlet mixing zones are assumed to be perfect

mixers with negligible residence times.

10. Liquid phase reactions are allowed.

4.2 Mathematical Models and Boundary Conditions

4.2.1 Churn Turbulent Regime

For the churn turbulent regime, the proposed model is presented for two cases;
1. Continuous flow of both gas and liquid.

2. Batch liquid, continuous flow of gas.

We will show later that the two phase recycle with cross flow model (TRCFM) can

also be applied for the homogeneous bubbly flow regime.
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4.2.1.1 Continuous Flow of Gas and Liquid

The phenomenological basis for the model equations is shown in Figure 4-1 and Figure
4-3. Figure 4-1 is a schematic of the observed liquid recirculation which dominates gas

recirculation of small bubbles.

For the gas phase in small bubbles, the mass balance for a soluble gas component

yields all the equations for the various regions.

Upflow region of small bubbles (SB1)

a

& K
gl gl g12 "n
T 1 + -+ (Cl——C 2)+K 13(C1~*C 3)—(~———-———)
gt A S H’”giz g 4 g & g VIIJ’VZEz
vh
(kya)* (HCpy - Ca1)T g1 —(%T)(kla)s(ﬂqz ~Cy1)7g1 =0 (4.1
"n+"n

where 7 g1 (8) is the mean residence time of small bubbles traveling in the SB1 section;
g1z 18 the recycle ratio for small bubbles which is defined as the ratio of the

volumetric flowrate of SB2 region to the inlet volumetric flowrate of the gas into the

smail bubble region (SB1+SB2); K ¢12:K g3 are the dimensionless exchange coefficients

between the upflow of the small bubbles in the SB1 section and the downflow of the
small bubbles in the SB2 section, and between the upflow of the small bubbles in the SB1

section and the upflow of the large bubbles in the LB section, respectively; H is Henry’s
coeflicient (mol/ m3(gas) *m3(!iquid)/ mol); (kja)® is the volumetric mass transfer

coefficient between the small bubbles and the liquid (s7); VllaVllz (m3) are the

volume of the liquid in the L1 section, and the volume of the liquid in the L2 section

where the interstitial velocity of the small bubbles is greater than zero. (See Figure 4.1).
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Downflow region of small bubbles (SB2)

g2 Lgd Kol
BL_ g (g~ Co2) = (ki) (HCpp - Cga)rgn =0 (42)

'r
g2 a X rgl

where 7,5 (s) is the mean residence time of the small bubbles in the SB2 section.

Uptlow region of large bubbles (LB)

& a

g3 "3 !

where 7 g3 (s) is the mean residence time of the large bubbles in the LB section; (lqa)l

is the volumetric mass transfer coefficient between the large bubbles and the liquid (s™).

The mass balance for a soluble gas component in the liquid phase vields the following

equations for the various regions in the liquid phase.

Upflow region of liquid

V-Vl V-Vl

1z 0 al K -
a by 1+r ¥ %4 14 —Vl
V V
3 3
~Cyp)ep + Vg ( g 1 )(kla)l(HCH-C'g3)rﬂ+R”rn=0 (44)

where 77 (s) is the mean residence time of the liquid in the L1 section; 7y, is the

recycle ratio for the liquid which is defined as the ratio of the volumetric flowrate of the

L2 section to the inlet volumetric flowrate liquid to the upflow and the downflow
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liquid sections (L1+12); Kjj, is the dimensionless exchange coefficient between the
upflow of the liquid and the downflow of the liquid; Vol.Vg3, V;l ( m> ) are the volume

of the small bubbles in the SB1, the volume of the large bubbles in the 1B and the partial
volume of small bubbles in the upflow section where the liquid goes downward
(interstitial liquid velocity less than zero) and the small bubbles travel upward (interstitial
gas velocity greater than zero); Ry is the reaction term in the upflow region of the liquid.

It is assumed that the reaction only occurs in the liquid phase.

In the liquid phase of the upflow region, as can be seen from Figure 4-1 and Figure
4-3, one may encounter both large bubbles and small bubbles. In order to describe the
contribution to mass transfer for large and small bubbles, the weighing factor is defined to
represent the mass transfer for a bimodal bubble size distribution based on the relative

volume percentage of small bubbles and large bubbles.

I
Vet = Vg

is the weighing factor for the contribution of small bubbles in the
Vs +Vg1 ~ Vg1

upflow section of the liquid to mass transfer.

Vo3

i

is the weighing factor for the contribution of large bubbles in the

upflow section of the liquid to mass transfer.

Dovwnflow region of liquid

a 28 K Ver v
- 2_"2 fng (€ ~Cp)+ E2¢ 82 : Wkja)® (HCpy ~Coltpy
a & "2 Voo +Vg1
1
vho Vg
VIZ ng +Vg1
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where 75 (s) is the mean residence time of the liquid in the L2 section and Ry, is the

liquid phase reaction term in the downflow region of the liquid.

As can been seen from Figure 4-1 and Figure 4-3, in the downflow region of the
liquid, one may encounter small bubbles in downflow or small bubbles in upflow. In the
same way, as discussed above, a weighing factor is defined to describe the relative
contribution of small bubbles in upflow and small bubbles in downflow to mass transfer.

Ver

ng + Vgl

is the weighting factor for the contribution of the small bubbles in the

downflow section to mass transfer for the downflow region of the liquid.

pl
¢! : is the weighting function for the contribution of the small bubbles in the

ng + Vgl

upflow section to mass transfer for the downflow region of the liquid.

Initial conditions are presented in Equation 4.6 for a step injection into the gas phase

at the bottom of the bubble column.

=0

C“:Clz =Cgl ngQ, :Cg?) =0 and Cg(): H(i) (4.6
Boundary conditions are given by Equations 4.7, 4.8 and 4.9 for the small bubbles,

for the liquid and for the large bubbles at the bottom of the bubble column, and by

Equations 4.10 for the small bubbles and the liquid at the top of the column.

x=0
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1
C :-—————(C +F 12C ) (47)
gl 1+?‘g12 g0 " g2t p2

Cp = Crey + 7112 C 48
=15, ot (48)
Cq3=Cgo (4.9)
x=1

Ce1=Cg2, Cn1=Cp2 (4.10)

The total gas phase concentration at the outlet of the bubble column is given by:

Qa12 o3
g
Copu =7 =—Cyy + wﬁmcg?, (4.11)
Qo12 + Qg3 12 + g3
U U
Vgl g3
or Coput ”—“Ug o 7, G (4.12)

Og12,0g3are the volumetric flowrate of the gas phase in form of small bubbles and

the volumetric flowrate of the gas phase in form of large bubbles, respectively.

Ugt2,U g3,U g are the superficial velocity of small bubbles, large bubbles and the total

superficial gas velocity, respectively.

It is assumed that for a step input of tracer (Heaviside’s step function at x = 0), the

solution of all the model equations yields a F-curve for the normalized tracer response,
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which on differentiating with respect to time yields an E-curve which is a derivative of

the residence time distribution (Dudukovi¢ (1987)).

Mathematically,
da(c,/C,;
E(t)xfif_zw (4.13)
dt dr

At the outlet (x=1), it is evident,

Ug12 Vg3
Ey=—2CEqpt)+—E2E 50 (414)
U U
g g
The normalized response can be obtained by dividing E(#) in Equation 4.14 by the

maximum value of E(¢)in Equation 4.14, which represents the normalized impulse tracer

response at the outlet of the bubble column.

The gas phase distributor zone

Ideal mixer is assumed.

éC'g c Cr
oo -C.. -
gn 4 8in ~ - gout (4.15)

Negligible residence time is assumed in this section, therefore,



gin —
Cgin =Cgour ~ 0r Cgp = Cg3x=0 = Cg12x=0

The disengagement zone

Ideal mixer is assumed.

g |
T gout & Cgin =~ Coour

In the same way for the distributor zone it is assumed
T gout =Y

This leads to the followings:

Cgin = Cgout

Q12 Qg3

Chin =By + 8y
B 0012+ 0g3 8 Qg1 +0g3 ¢

(refer to Equation 4.11 and Equation 4.12).
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(4.16)

(417

(4.18)

(4.19)

(4.20)

(4.21)



The liguid inlet zone

Ideal mixer is assumed.
Tlin %?“ =Clin - Cz;out

Negligible residence time is assumed in this section.
Tl =

Therefore,

Clin =Clowe  or Crl0=Cpa,._,

The liquid outlet zone

Ideal mixer is assumed.
O’C' 1
Tlout ‘éTl = Clin ~ Clour

In the same way as in the distributor zone it is assumed

Tlour =0

o
tad

(4.22)

(4.23)

(4.24)

(4.25)

(4.26)
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Therefore,
Clin=Clowr 0or Cly_q= Cl2x:1 = Clout (4.27)

4.2.1.2 Continuous Flow of Gas and Batch Liquid

In this case, the net flowrate of liquid is zero, the model equations are similar to those
in the previous case, the only difference arises in the model equations for the liquid phase
and in the inlet boundary conditions which are presented below (refer to Figure 4-4 for

the case of batch liquid and continuous flow of gas):

The mass balance for two liquid regions (L1 and L2) is given as follows:

Upflow region of liquid
Xy &y VgJ“Véf Vel ~ V]f s
1117-%7%—[(”2((?”“(:]2)4- 7 ( )(kga) (HCU
!l Vg3 +Vg] Vg]
14 14
3 3
~Cop)i + 5 & ( & )ﬂcla)l(HCH~Cg3)rl]+RUr”=0 (428)
Downflow region of liquid
ac oC Vo2 Va2
FR_T gpp(Cry - Cp) + B (k) (HCp - C)epy +
a & iz vy +v)
g2 "7 gl
Vél Vg’l s
( Dkia)” (HCpp = Capdrip + Rppzpp =0 (429)
2 gy 4V,
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FIGURE 4-4. Schematic Diagram of TRCFM

for Continuous Flow of Gas and Batch Liguid

where K| 1'12 is the dimensionless exchange coefficient between the upflow of the liquid in

the L1 section and the downflow of the liquid in the 1.2 section for batch liquid case (see
Figure 4-4),

The boundary conditions at the bottom of the bubble column are given by Equation

1
+7g12

1=Cp, Cgr=y (Co0+7g12C02), C3 =G (4.30)
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4.2.2 Bubbly Flow Regime

For the case of the bubbly flow regime, only small bubbles exist and the equations
can, then, be simplified. In Equation 4.1, the interaction term between the large and the
small bubbles is neglected. Equation 4.3 is neglected because of the uniform small bubble
size distribution. In Equation 4.4, the mass transfer term between the large bubbles and
the liquid is neglected. In the boundary conditions, Equation 4.9 is neglected. Figure 4.5
is the schematic representation of the model for the bubbly flow condition. The model

equations for the four regions (L1, L2, SB1 and SB2) are as follows:

Upflow region of small bubbles (SB1)

g1 N gl Ke12

Vi
(Cgl - Cg2) - (_!““I“““*“

T + krays(HCp ~ Co)r
gl )k It~ Cgl)tgl
a b7 1+ rgl2 Vi + V[E
1
V1o s
“(%m—f)(kza) (HCpp = Cg1)7g1 =0 (4.31)
Vi + VIZ
Downflow region of small bubbles (SB2)
&£ a
4 g2 g12 s _
) PR o2 (Cgl —ng)w(kfa) (HCpy “ng)fgz =0 (4.32)
Upflow region of liquid

ac ac K
71 /1 {12
+ +
Tﬂ b7 x 1+F312

tRyrp =0 (433)

Vo —V)
gl gl §
(Cn=Cp+ 7 (kya)” (HCp = Cgy)Tpy



Downflow region of liguid

(4.34)

Xy Ly K Ver Ve
e (] =)+ o (= E ) (HCy - C )
12 12 Voy +Vg
1
Vll v i
-t Wkja)* (HCpy = Co1)epy + Ryptyy =0
% ! g
2 ng -E-Vgl
Cgout
- |
Clout |
L I
- -
i
- -
Cllt JC:LZ T-Cgl chz
M1 GM1

I Clin Cgin

FIGURE 4-5. Schematic Diagram of Two Phase Recyele
with Cross Flow Model in Bubbly Flow Regime
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4.3 Computational Method

An implicit finite difference method with backward differences in spatial coordinate
is used to numerically calculate the concentration profiles along the longitudinal direction
of the bubble column, the concentration profiles in different regions (SB1, SB2, LB, L1

and L.2) as well as concentration profiles with time on stream.
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S. Mathematical Model for the Subcases of TRCFM

Here, we will show that the mathematical model for the subcases of TRCEFM can be

used in bubble columns. The following cases are considered:

1. A subcase of TRCIFM to deal with liquid phase mixing with liquid phase chemical
reactions. The objectives are to assess the effect of reaction rate constants and different
reaction schemes on the concentration distribution and conversion profiles in both upflow

and downflow regions.

2. Use of a subcase of TRCFM to study liquid tracer step and impulse responses in
various regions of the column subject to tracer injections at the bottom, the top and the

middle of the bubble column.

3. A subcase of TRCFM to represent gas phase mixing.

5.1 Subcase of TRCFM for Liquid Phase Mixing with Chemical

Reactions.

It is assumed that liquid reactant is introduced at the bottom of the bubble column
reactor. During chemical reaction, the gas hold up is assumed to be constant by assuming

that the concentration of liquid reactants and products is small enough as compared with
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the concentration of the inert gas carrier. A first order reaction is assumed. The hiquid
velocity profile is assumed to be independent of chemical reaction because of low
concentration for both reactants and products. Due to high turbulent intensity, the
exchange coefficient between the reactants in the upflow and downflow regions is
assumed to be the same as the exchange coefficient between the products in the upflow
and downflow regions. The following Sections of 5.1.1, 5.1.2 and 5.1.3 illustrate three
cases of typical linear chemical reaction schemes. The more complicated reaction

schemes such as non-linear reaction scheme can be readily handled. A schematic

representation of the model for a single irreversible liquid phase reaction A m—]L Bis

shown in Figure 5-1 as applied to a bubble column system.

FO
- )\ i
Cla, Cla, %=1 C1B,x=1
C1iB i
Y
REACTANT A Kinz KIL2 PRODUCT B

L1A e, L2a| [LiB S 2|L2B

o e St

CllAT lClZA Yc11s | cizs
¥
A A
ko Cla,x=0 C1B,X=0
Clao=1,
C1BO=0

FIGURE 5-1. Schematic Diagram of Liquid Phase Recycle with Cross

Flow Model for Single Irreversible Reaction ( A —k—I—) B)
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5.1.1 Single Irreversible Reaction

Mathematical models:

For a single irreversible reaction A —ﬂm) B involving non-volatile liquid reactant A
injected into the bottom of the bubble column, the reaction takes place in the liquid phase
and the liquid phase product B is produced. The mass balance for both reactant A and
product B in the upflow and downflow regions yields the following four partial

differential equations and their initial and boundary conditions.

For reactant A in the upflow region.

g L Xlla L Ko

T
1 V7§ V7.9 1+}‘112

(Cig =~ Crg)+1nkiCrg =0 (5.1)
where 771,Kj12,#7172, k] are the mean residence time in the upflow region for the liquid
phase, the dimensionless exchange coefficient between upflow and downflow regions, the
recycle ratio (which is defined as the ratio of liquid phase volumetric flowrate in the

downflow region to the inlet volumetric flowrate of the liquid), the volumetric first order

reaction rate constant,

For reactant A in the downflow region

K
- - 212 (Cna —Cna)+112k1Cng =0 (52)
V74 ox 12

where 77)is the mean residence time in the downflow region of liquid phase in bubble

column.



For product B in the upflow region

Xne , Xnp . Kno
at &k 1+r712

T (Cnp —Ci2p) ~711k1Cp1g =0

For product B in the downflow region

a %8 K
rpp =2 Z03b LML (- i)y~ 1k Crag = 0
a & 2

Initial conditions

t=0, Cla =C124 =Cp = Cpap =0, Clog =1

Boundary conditions

x=0, Cha =

; (Crog +r112C1a)
+7712

r2C
Crip = i12 12
+ 12

x=1 g =Cng,  Cnp =Crap
3.1.2 Consecutive (Series) Reactions

Mathematical models:

32

(53)

(54)

(53)

(5.6)

(5.7)

For a non-volatile liquid reactant species A injected into the bottom of the bubble

column, the reaction takes place and the intermediate liquid phase product B and final
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liquid phase product C are both produced. The first order reaction scheme is written

as A4 ——jﬂ—> B MJE,%_, C'. The mass balance on reactant A and product B and C in both

upflow and downflow regions yields the following six partial differential equations and

their initial and boundary conditions.

For reactant A in the upflow region.

g +5(:Zla Kna2

7]} +
ct o 1+r112

(Crlg —Crg)+t11k1Crg =0 (5.8)

For reactant A in the downflow region

Xa  Xba KN2 o _cpoys t12k1Crog =0 (5.9)
& ax 12

For intermediate product B in the upflow region

aZ al K
ey b iy Ko
a & l-f-}‘”z

(Cnp = Cpp)—tnk1Cpg + 711k Cpyp =0 (5.10)

For intermediate product B in the downflow region

Kb Xib Knp o cppys 11kaCpop —712k1Cr2q =0 (511)
a &

T2

For product C in the upflow region

5Cllc étllc KHZ
e + C -C —TtnkyC =0 512
) ; 1 ”112( I1c lZc) [172%11p ( )

th



For product C in the downflow region

Xpe Xpe Knp
T e~ Cpe) - tkaCipp =0
12

Initial conditions

£=0, Cita =C12a =Cnip = Crap = Cr1e = Cpoe =0,

Boundary conditions

1
x =0, Clig = (Croa +1112Cn4)s

1+ iz
o C Frin C
C[]b - 1124125 C - [12%~02¢

H

1+?‘”2 e 1-1-]‘[12

x=1, Cia =Cnas Cip =Cpp»>  Che =Crae

5.1.3 Parallel Reactions

Mathematical models:

Crpg =1
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(513)

(5.14)

(5.15)

(5.16)

For a non-volatile liquid reactant species A injected into the bottom of the bubble

column, the paralle] reactions take place and the liquid phase product B and C are

produced. The first order parallel reaction scheme is 4 iﬂ«) B, 4

k2

——— . The mass

balance of reactant A and product B and C in both upflow and downflow regions yields

the following six partial differential equations and their initial and boundary conditions.



For reactant A in the upflow region

Klg +5C11a L Kno
x b7, I+r12

] (Cng —Crg)+rn(ky +£2)Cpg =0

For reactant A in the downflow region

K
() - - oH2 (Clia ~Crg)+ 72k + k)YCppg =0
ot V7.5 112

For product B in the upflow region

Ky Xnp . Kna
o 17 1+r12

T/ (Crp —Crp)-1nk1Crg =0

For product B in the downflow region

Lpp Xpp Ko
a & 2

T2 (Cip - Cp)st10k1Ciog =0

For product C in the upflow region

Xle  Xne . Ko
a X IR )

5! (Che = Cre)-tnkaCrg =0

For product C in the downflow region

Xpe Kpe Kno
& . 112

T]2 (Ciie = Cre)—112k2C124 =0
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(517)

(518)

(519)

(520)

(521)

(522)



Initial conditions

t=0, Clla =Ca=Crp =Cpp =Ci1e =Cppe =0,

Boundary conditions

x=0

. CNa = (Croa +m112Cng )

1+712

iy C ri1aC
Cpp = 12612 ¢ 12Chc

1+r112 »Tie I+712

x=1, Clta =Cpy> Cnp =Cp

5.2 Tracer Response Prediction for the Injection of Tracer at the

Middle of the Bubble Column

Clie =Cre

C1oq =1

36

(523)

(5.24)

(5.25)

Suppose a non-volatile liquid tracer A is injected in the upflow region of the liquid

phase at the middle of the bubble column (dimensionless position, x = 0.5) ( see Figure

5-2).

The mass balance for a liquid tracer A in the upper section of both the upflow and the

downflow regions, and the lower section of the upflow and the downflow regions in the

bubble column, yields the following four partial differential equations and their

associated initial and boundary conditions.
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FIGURE 5-2. Schematic Diagram of Recycle with Cross Flow Model
for Tracer Injected in the Middle of a Bubbie Column

Lower section of upflow region

0<x<0.5
g Xlg . K12
+ + Cny - C =) 526
2 R >, 1+rz12( Ia —C2a) (5.26)
Upper section of upflow region
x =05
(527)

g  Xng . Kno
+ n Criy ~Cr) =0
7]1 P Py 1+r;12( I1a 12a')
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Lower section of downflow region

O0<x<0.5

a a K
I R2a  H2a K12 (Cig - C12g) =0 (528)
a §7:9 712

Upper section of downflow region

- Cha —Crg) =0 529
P ey - Cna -Cg") (529)
Initial conditions
=0, Ciig =Cha =Chny =0, Ciia'= 6(x —05) (5.30)

where &(x ~ 0.5) is the delta function for the liquid tracer injected in the middle of upper

flow region of the bubble column reactor.

Boundary conditiong

t>0

x=0, Clig zﬂll%%ﬂ (331)
x=035 Cpng=Cng (332)

x =1, Cita' =Cng's (533)
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3.3 Subcase of TRCFM for Gas Phase Mixing

Itis assumed that a non-soluble gas tracer is injected into the bottom of the bubble
column. The flow regime in the bubble column can be assumed to be of two types:

1. Churn turbulent regime; 2. Bubble flow regime.

3.3.1 Churn Turbulent Regime

In churn turbulent regime, a bimodal bubble size distribution is assumed. Five regions
are encountered (see Figure 5-3): Large bubble upflow region; small bubble upflow
region; small bubble downflow region; gas inlet distributor zone and gas outlet
disengagement zone. In the TRCFM developed in the last Chapter, since gas tracer ig

non-soluble, the model equations in the liquid phase can be neglected. Therefore, the

model equations can be described as follows:

Upflow region of small bubbles (SB1)

Otgl 5Cg1 Kng
7ol + +
a & l+rg12

(Cgl ~ Cg2) + Kg13(Cgl ~ Cg3) =0 (534)

Downflow region of small bubbles (SB2)

gy gy Kol
4 g g
T - - Co1-Con)=0 535)



40

.‘
Cgout 1
lumm GM2
Kgi3
B - Kgiz
LB SBliew»SE2
) Cg3 A Cqgl ‘ Cg2
' GM1

FIGURE 5-3. Schematic Diagram of Gas Phase Recycle with
Cross Flow Model in Churn Turbulent Regime

Upflow region of large bubbles (L.B)

AL'g3 g3
Tg3 5 + = + Kg13(Cg3 - Cgp) =0 (536)

Initial conditions are presented in Equation 5.37 for a step injection of tracer into the

gas phase at the bottom of the bubble column.

Cg1=Cg2=Cp3=0 and Cgp = H(t) (537)
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Boundary conditions are given by Equations 5.38, 5.39 for the small bubbles, for the
large bubbles at the bottom of the bubble column, and by Equations 5.40 for the small
bubbles at the top of the column.

x=0

Cgt == : (Cg0 +7g12Cg2) (538)
1+rg12

Cg3 = Cy0 (539)

x=1

Cyl =Cg2, Cnn=Cp (5.40)

5.3.2 Bubbly Flow Regime

Uniform bubble size is assumed and only small bubbles exist. Therefore, the
interaction term between large and small bubbles in Equation 5.34 is neglected. Equation
3.36 and Equation 5.39 are neglected. Figure 5-4 is a schematic to represent gas phase

mixing in bubbly flow regime.
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FIGURE 5-4. Schematic Diagram of Gas Phase Receycle with
Cross Flow Model in Bubbly Flow Regime
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6. Evaluation of Model Parameters

6.1 Model Parameters

In the last two Chapters, the physical basis and the mathematical formulation of
TRCFM were described. The developed model requires a number of parameters but most
of them can be determined either from available experimental data or via
phenomenological correlations. Solving the model equations requires the knowledge of
the mean residence times for the gas and the liquid in each region (SB1, SB2, LB, L1 and
L2) and the recycle ratio of the small bubbles and the liquid; the knowledge of the volume

of both gas and liquid in each region (Vgl,ng,Vg3,Vg11,V”,V12 and Vl,l2 ); the

knowledge of exchange coefficients between the liquid in upflow and downflow, between
the small bubbles in upflow and downflow and between the large bubbles and the small
bubbles in upflow, as well as the knowledge of mass transfer contribution (mass transfer
coefficients and weighing factors to describe the relative contribution of mass transfer)
between the large bubbles and the liquid in upflow, between the small bubbles in upflow
and the liquid in upflow, between the small bubbles in upflow and the liquid in downflow
and between the small bubbles in downflow and the liquid in downflow. In this chapter,

we discuss how most of the parameters can be estimated based on the available physical

evidence.

Figure 6-1 represents a schematic of the methodology involved and the correlations

and the experimental data needed to evaluate the model parameters.
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DGD Method Available Liquid
Mwm__i?,, Average Gas Holdup(SB and L.B) Phase Flow Model
or Correlation | CARP T Kinematic
| Correlation (Experimental) . Viscosity or
‘ \ Prandtl’s Mixing
. Length
Vol
otme Local Gas Holdup » Time Average
Each Region
Interstitial Liquid
Computer Velocity Profiles
Tomography ] .
(€T) l Correlation of
. . Slip Velocity
Mean Residotoe Flowrate in Each Region

Time Average

Time in Each Regi d
tme m Lach Reglon an Interstitial Small

Recycle Ratio of Small .
Bubbles and Liquid ~ Mass Transfer Coefficients Bubble Velocity Profiles
for LB and SB Large Bubble Rise Velocity
- Weighing Factor T T
for Contribution of  Correlation or Experimental
Mass transfer Approach DGD Method

Figure 6-1. Procedures for Calculating Model Parameters

As seen from Figure 6-1, in order to determine the mean residence time in each region
and the recycle ratio, one needs the volume and the flowrate for each phase in each
region. The volume in each region can be determined by integration along both radial and
longitudinal directions if the local holdup profiles are known. The local holdup profiles
can be obtamned either through experimental methods, such as Computer Tomography
(Kumar et al. (1994)) or via available correlations if the average overall gas holdup is
known. The overall average gas holdup and the average holdups of large and small
bubbles can be determined from the dynamic gas disengagement method (DGD) or from
some available correlations which will be discussed later. The flowrate of liquid and
small bubbles in each region can be determined by integration along the radius if the time
averaged interstitial liquid and gas velocity profiles are known. The time averaged
interstitial liquid velocity profile can be determined either through experiments, such as

Computer Aided Radioactive Particle Tracking (CARPT) (Devanathan et al. (1990)), or
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via some correlations based on kinematic viscosity theory (Ueyama and Miyauchi (1979)
and Anderson and Rice(1989)) or Prandt!l’s mixing length theory (Kumar et al. (1994)).
The pertinent mathematical formulation will be discussed in the following sections. The
evaluation of time averaged interstitial small bubble velocity profile requires the
knowledge of the time averaged interstitial liquid velocity profile and the slip velocity
between the small bubbles and the liquid. The slip velocity can be determined either from
existing correlations, or via experiments using conductivity or optical probes. The large
bubble rise velocity can be determined from dynamic gas disengagement method (DGD).
The mass transfer coefficients for large and small bubbles can be determined from
experiments or available correlations. The weighing factor of the mass transfer
contribution can be determined if the volume in each region is known. The determination
of the exchange coefficient between the large and small bubbles relies on the work of
Modak et al. (1993). Therefore, the only fitting parameters in the model are the exchange
coefficients between the small bubbles in upflow and downflow and between the liquid in

upflow and downflow.

For simplicity, most of the model parameters are determined based on the existing
phenomenological and fundamental correlations. Therefore, in summary, we need to
know the following: local gas holdup profiles and overall average gas holdup as well as
average holdups of small and large bubbles, time averaged interstitial liquid velocity
profiles; the slip velocity between the small bubbles and the liquid so that the time
average mterstitial small bubble velocity can be obtained, the needed mean residence time
in each region and the recycle ratio for small bubbles and for the liquid, the volume
occupied in each region, and mass transfer coefficients between the small bubbles and the
liquid and between the large bubbles and the liquid. Then, the crossmixing parameters for

the small bubbles and for the liquid can be used to fit the experimental data.

In the following sections of this Chapter, we discuss the determination of each

parameter required for the model.
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6.2 Holdup

6.2.1 Average Gas Holdup

Several correlations were developed in the past two decades for the average gas
holdup and are summarized in Table 6-1.

TABLE 6-1. Average Gas Holdup Correlation
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TABLE 6-1. Average Gas Holdup Correlation (Continued)
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for calculating transition gas holdup, A is a function of column diameter
Krishna et al.(1994)
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For our model, it is necessary to distinguish between the holdups of large and small
bubbles. Vermeer and Krishna (1981), Relly et al. (1986), Schumpe and Deckwer (1988),
Shetty et al. (1992), Wilkinson et al. (1992), Hoefsloot and Krishna (1993), Krishna et al.
(1994) and Krishna and Ellenberger (1995), addressed this issue and made extensive
studies for holdups of both large and small bubbles. The dynamic gas disengagement
method (DGD) was often used to obtain the data. The major findings can be summarized

as follows:

1. The effect of increased gas density is to largely increase gas holdup. The two distinct

flow regimes were proposed, churn turbulent regime (heterogencous regime) and bubbly

flow regime (homogeneous regime).

In the homogeneous regime, Ug < Uprgns (Upansis the superficial gas velocity at

transition point from homogeneous regime to heterogeneous regime). The overall average
holdup is equal to the average holdup of small bubbles and is given by:

U
E =

> (6.1)

small

where V.1 is the rising velocity of the small bubbles.

In the heterogeneous regime, Ug >Uprans - Large and small bubbles coexist, the

correlations proposed by Wilkinson et al. (1992) may be used to calculate the large and
small bubble holdups separately,

2. Gas holdup varies linearly with the superficial gas velocity until the transition point is

reached (Uprang )-

3. At Ug > Upegyg , the holdup of small bubbles is assumed to be equal to the total gas

holdup at U g = Upygys . Additional holdup is attributed to large bubbles. The increase in
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superficial gas velocity in this regime affects significantly the large bubble holdup and,

consequently, total gas holdup.

Biesheuvel and Gorissen (1990) presented a theoretical analysis of the stability of
homogeneous bubbly flow subject to a void fraction disturbance. They developed the

following criterion for instability of the homogeneous bubbly flow.

[ 1
—&? é’ﬂf{(% +lplmg)v0} > | P, tomapy 1 5, (6.2)
22 2 g (4/3)a’ (1-&)?

where vyis the velocity of the bubble swarm in the zero volume frame, this velocity is

related to the single, isolated bubble rise velocity.

vy = Ve (1—&)? (6.3)

In the laboratory fixed reference frame, the bubble swarm velocity is (Wallis, 1969):

U
Uswarm = T;" =Ux(1-8)" (6.4)

where the Richardsen-Zaki exponent n = p-1.

In Biesheuvel and Goriesan’s (1990) model, they assume p = 2, n = 1 and they
claimed that Uy, decreases slightly with the increase in gas density. But, unfortunately,

thetr model cannot explain the experimental data of Krishna et al. (1993) who claimed

that Uype increases with the increase in gas density.

Krishna et al. (1993) modified the above model and claimed that the Richardson-Zaki
cxponent n is shown to be an important parameter in determining the stability of
homogeneous bubbly flow in bubble columns. With the increase in gas density, the
exponent n decreases. Physically this means that the increase in gas density results in the
decrease of the interaction between neighboring bubbles and consequently, reduces the

chance of the propagation of instabilities.



Besides correlations described above, the average small and large bubble holdups can

also be determined by dynamic gas disengagement (DGD) method. In this work, the

average holdups are obtained from this approach.

6.2.2 Local Holdup

In the past two decades, different correlations were proposed for radial distribution of

the gas holdup in bubble columns, most of which are summarized in Table 6-2.

TABLE 6-2. Local Gas Holdup Correlation

Petrick e le. =1-(r/ R — 0.02477066/¢
(1959) g c ( ) ] : /
Bankoff _ Un - 2
e,le,=(r/R Egle, =2n" I {(n+1)(2n+1
(1960) g ¢ ( ) g c ( )( )
Zuber & Findlay £,—& — "
Z8 "W _ n /e, =
Kobayashi & Kanegae . ol/as ~as
(197035 ) g fec =81 wnse S=1-r/R
a, n,o0 are constants
Miyauchi et al. = n+2 n+ 0 fitted to the data
(1981) Eg=&g " (I-(r/R)
Myers £, =2e,(1~(r/R)? I
(1986) g =2egU~ 7/ R))

In addition, local gas holdup can also be determined experimentally. Kumar et

al.(1994) used CT (Computer Tomography) to successfully measure the local gas holdup

profiles.
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In this work, Miyauchi et al.’s approach (1981) was used and n is assumed to be equal

1o 2,

6.3 One Dimensional Liquid Phase Flow Model

Several models have been developed for liquid recirculation in the fully developed

region of a tall bubble column based on the one dimensional flow assumption.

1. The first correlation for the velocity profile in the bubble column system was proposed
by Ueyama and Miyauchi (1979). In their model, the authors made an assumption that
there 18 a laminar sublayer & near the wall which is small enough so that the liquid
downward velocity at r =8 is approximately equal to the wall velocity. They developed

the following equations:

2
2
+
w: 1m(£) (6.5)
Uy +|uw1 R
D?e, (43¢ U
uy =28 £l —! (6.6)
192v, \ 1-¢, l-&,
|1-’ I_gngg 2-3¢, Y, 67
Yoy, (-, ) 1-gy '

2

2

where D, column diameter, m; g, acceleration of gravity, m/ s

5 , superficial liquid velocity, m/s; u,, centerline mnterstitial liquid velocity, m/s;

'u‘"[ , absolute value of the interstitial axial liquid velocity near column wall, m/s.

U; = 0, if the liquid is in batch state.
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In Ueyama and Miyauchi’s (1979) approach, the velocity in the core is matched to the
universal velocity profile of the single phase turbulent pipe flow at the wall. The

specification of the wall shear stress involves an empirical constant.

2. Anderson and Rice (1989) proposed a similar model. The difference is essentially that

the setting of the boundary condition is based on physical reasoning and no empirical

constant is involved.

The maximum downward velocity based on their approach is:

e
gR%¢
U (E=2)="—=2( -1-222InA) (6.8)
4v,,A
where A = ﬁ , p’= dimensionless pressure gradient.
—-p

3. In Luo and Sevendsen (1991)’s model, the boundary condition at the wall is set
implicitly rather than explicitly like in Anderson’s (1989) or Ueyama’s (1979) approach.
Richard’s correlation for eddy viscosity was used in the model. This is the main

difference from other models in which any correlation of eddy viscosity could be used.

4. Kumar et al. (1994) proposed a liquid recirculation model and used the Prandtl’s
mixing length theory as well as the eddy viscosity approach to achieve closure of the one
dimensional momentum balance. They claimed that the scale up based on the mixing
length theory is possible when the consistent set of data for liquid velocity and gas void
fraction is obtained. They demonstrated this based on the experimental data using
CARPT (Computer Automated Radioactive Particle Tracking) and CT (Computer
Tomography).
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Here, two different approaches for shear stress and liquid velocity are briefly

described:

Eddy viscosity:

Using the Boussinesq’s (1896) hypothesis, the constitutive equations for the shear

stress are given as:

In the core region,

£ () = wn‘ff—;i(%) £<2

In the wall region,

* VmpPy Al S
= ML (o > A
Ty (£) P 7 6) g
Boundary conditions:
&= 2, u; =u;
é = 1, u = 0

The liquid velocity profile in these two regions is:

e ©32 8y (m+ )
R27 ™ (m+2)(ﬂ) +2(5)

uj(&) = &

+ U
20, m(m+ 2) A

gR%z

. Azgz—yamzm@ £ 2
Um

uf (&) =

(6.9)

(610)

(6.11)
(6.12)

(613)

(614)
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Prantd]’s mixing length:

The expression for shear stress is given as:

6

__Ymp] duj Wdug 2
Tpz{($) = 2 (d§)+pz 2 ( dg) E<A (6.15)
d
Ty (£) = ~%&(%) Ez A (616)

Combining Equation 6.15, 6.16 with the boundary conditions specified by Equation

6.11 and 6.12, the equations for the liquid velocity profiles can, therefore, be obtained as:

2gRI% () B(E)
AIW\/H >

u1(§)=u,1~“’;’Rj 5 Em dé, foré< A (6.17)
1= (&)
# gR°z o 2
U (§) = -S - (¢7 ~1-22 ng); foré= A (618)
4v,A

A radial power law equation of an axi-symmetric distribution of the void fraction is
expressed as:

m

2™ (6.19)
b3

E=&

where m is an arbitrary constant, ¢ is a parameter that allows for the possibility of non-

zero void fraction close to the wall.

An iterative procedure is involved for obtaining the liquid velocity profile as follows:
Assume m in Equation 6.19 is available which best fits the void fraction data. A value of
X is assumed, the maximum downward liquid velocity is evaluated using Equation 6.8.
The liquid velocity is calculated using Equations 6.15 and 6.16, if the model based on the

Prandtl’s mixing length is used. The computed velocity and void fraction profiles need to
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satisfy the mass balance, given by Equation 6.19, which provides an iteration procedure

for the parameter 1.

A i
Ja-s@yu&)zdas + fuf (&)&as =, (6.20)
0 A

For the Prandil’s mixing length approach, several correlations for the mixing length

were proposed.
1. For the bubble generated turbulence (Geary and Rice, (1992)).

dpe($)
&

(&) = (6.21)

2. For the wall generated turbulence, the single pipe correlation for the mixing length

given by Nikuradse (Schlichting (1979)) was suggested:
1(£) = 014 - 0.08£% — 0.06& (6.22)

3. Kawase and Tokunage (1991) proposed an empirical equation to characterize the

mixing length in bubble columns.

1=00450 ;%% D, 6.23)

4. Kumar et al. (1994), based on the experimental data from CARPT, used the regression
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process to propose the following mixing length dependence on dimensionless radial

position £. where a, b, ¢, d and e are obtained by a nonlinear regression process.

(&) = (“—“@é}w(l—f)e (6.24)

g+ b)

For turbulent kinematic viscosity, different correlations were proposed and listed in

Table 6-3 as follows:

TABLE 6-3. Correlation for Turbulent Kinematic Viscosity

Authors Correlation
Miyauchi & Shyu (1970) v, =0.05 Dg.S
Miyauchi & Ueyama (1979) v, = 0.1281901'7/9[
Miyauchi et al. (1981) v, = OIGOU‘gﬁDCIS
Sekizawa et al. (1983) v, = 0265DC15,0[

Kauase & Moo Young (1986) v, = 0.00184Df’f3Ué/3g”3p[

In this paper, for simplicity, Ueyama and Miyauchi (1979)’s one dimensional liquid
flow model together with Miyauchi’s (1981} turbulent kinematic viscosity correlation is

used to obtain the liquid velocity profile in the bubble column reactor.

6.4 Slip Velocity

The slip velocity here is defined as the relative velocity between the rising small

bubbles and liquid at a local point. It is assumed here to be independent of local position
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in the column. In other words, for the given operating conditions of the bubble column
system, it is assumed that a unique slip velocity exists which connects the interstitial
velocity of small bubbles and of the liquid at a given point. The slip velocity is assumed

to be a function of average gas holdup. The typical correlations for slip velocity are:

1. Lockett and Kirkpatrick (1975) correlation
_ 1.39 3
ug = 01641~ &) "7 (1 + 255¢%) (6.25)

For single small bubble size between 0.5 and 4.5 mm, Field and Davidson (1980)

have successfully applied the above correlation in the axial dispersion model and

satisfactory results were obtained.

2. Tsuneo’s correlation (1983)
ug =871255 7440 1= 410550 4 91941194 (6.26)

It is reported that large set of experimental data were used to develop the above

correlation.

3. Experimentally, it is possible to use optical probes or conductivity probes to measure
the bubble rise velocity so that the slip velocity can be determined. But the research in

this field needs to be improved to get more accurate results.

Here, Lochett and Kirkpatrick’s correlation is used to calculate the slip velocity and,
therefore, the interstitial velocity of small bubbles is determined from both the slip

velocity correlation and liquid phase one dimensional flow model.
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6.5 Mean Residence Time in Various Regions

As 1t 1s seen from Figure 4-3 for continuous flow of gas and liquid, the bubble column
is divided into nine regions including infet and outlet liquid mixing zones, distribution
and disengagement zones (LMI, LM2, GM1, GM2) with assumed neghgible residence

time. The mean residence times in the remaining five regions (SB1, SB2, LB, L1, L.2) can

be found as follows:

Vel _Gas Volume in Region SBl (Upflow of Small Bubbles)

Tgl = . : . (627)
&%) Volumetric Gas Flowrate in Region SBI
- Ver _ Gas Volume in Region SB2(Downflow of Small Bubbles) (629)
& O Volumetric Gas Flowrate in Region SB2 '
S Ves _ Gas Volume in Region LB(Upflowof Large Bubbles) (629)
g3 Qg3 Volumetric Gas Flowrate in Region LB
- :_V[_} _ Liquid Volume in Region LU Upflow of Liguid) 630)
On Volumetric  Liquid Flowrate in Region Ll
Vi Liquid Volume in Region L2(Downflow of Liquid)
2= On - Volumetric  Liquid Flowrate in Region L2 (63D

Hochman and McCord (1970) claimed that the mean residence times can also be
determined by the direct measurement of the flow field. This technique, of course, would
certainly be applicable in the bubble column systems using Computer Automated
Radioactive Particle Tracking (CARPT) and Computer Tomography (CT) developed by
Devanathan et al. (1990) and Kumar et al. (1994). However, since several one
dimensional models for determining interstitial liquid velocity and some correlations for
slip velocity are available, Myers (1986) has already applied this successfully for
investigating the liquid phase backmixing in bubble column systems. Therefore, here, we

extend Myers’ approach (1986) and apply it to two phase bubble column system in both

bubbly flow and churn turbulent regimes.
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The small bubble interstitial velocity profile can be determined directly from the
liquid interstitial velocity profile and slip velocity while plug flow is assumed for large
bubbles. The relationship between the interstitial velocity of the small bubbles and the

liquid at the same radial position can be described as:
Hg =g +1y (6.32)

Due to the turbulent recirculation of both liquid and small bubbles, there exists a radial

position where the interstitial velocity of the liquid is equal to zero (we set w=0@r=

I’). In the same manner, there may also be a radial position where the interstitial velocity

of small bubbles is equal to zero as well (we set ug =0@ r = r”). As discussed

previously, uis the slip velocity and is assumed to be constant along the radial direction

of the bubble column. However, the model structure can also incorporate a slip velocity
as a function of radial position if, later, it is indicated that such modification is needed.
At present, based on constant slip velocity, for the upflow region of the small bubbles
(SB1 region), by triple integration of local holdup profiles along the radial, azimuthal and
longitudinal directions of the column and double integration of the interstitial velocity
profile of small bubbles along the radial and azimuthal directions, the following

mathematical expression for the mean residence time is derived:

L2x R
erzL;é?— J. I fggrdrdﬁdz
- 00 r"(ug =0) 633
gl 27 R
TR (U g ~Ugp) + | ﬂug‘ggrdrdﬂ
0 r"(ug =0)

where L is the test level in the bubble column, m.

gg:is the average holdup of small bubbles
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:9“; is the average holdup of large bubbles
& ¢ 1s local gas holdup.

U g11s the superficial velocity of large bubbles.

By dynamic gas disengagement (DGD) method (Shetty et al. ( 1992)), the large bubble
rise velocity can be determined. A mass balance across any cross-section of the column
gives the following expression for calculating the superficial velocity of large bubbles:

Vg U

ggl' [ é‘g[

where Uy, is the rise velocity of the large bubbles.

Similarly, for the down flow region of small bubbles(SB2) , by triple integration of
holdup profiles along the radial, azimuthal and longitudinal directions and double
integration of the interstitial velocity profile of small bubbles along the radial and

azimuthal directions, the mean residence time is:

L2z R
j j jggrdrdadz
fr 0 0 r"(ug=0) (6.35)
L) R
j? 'ﬂuglerdrdé
0 r"(ug =0)

For large bubbles, which are assumed to rise upwards in plug flow near the center of
the bubble column, the mean residence time in the upflow region of large bubbles (LB

region) is:

(6.36)
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By triple integration of the local holdup profiles in space and double integration of the
interstitial liquid velocity profile along the cross section of the column, the mean

residence time in the upflow region of the liquid (L1) is:

L2 r'(u=0)
J- j J(lwsg)rdrd&lz
_ 00 0
H= , = R (6.37)
aR=Up + j ﬂu[‘(l—sg)rdrdﬁ
0 #'(u;=0)

Similarly, by triple integration of the local holdup profiles along the whole column
and double integration of the interstitial liquid velocity profile along the cross section of

the column for the downflow region of the liquid (L2), the mean residence time is:

L2r R
_[ I j(l - gg)rdrdez
00 7' (uy=0) (6.38)
2727z R
j ﬂug[(l - sg)rdrdQ
0 7'(u;=0)

6.6 Recycle Ratio for Small Bubbles and Liquid

For small bubbles, the recycle ratio (rg12) 1s defined as the ratio of the flowrate of

small bubbles in the downflow region (SB2) to the inlet feed flowrate of the small
bubbles (inlet gas flowrate from which the flowrate of large bubbles is subtracted). For

continuous flow of the liquid phase, the liquid recycle ratio (719 ) is defined as the ratio

of the flowrate of the liquid in the downflow region (L2) to the inlet flowrate of the

liquid. Mathematically, the recycle ratios for small bubbles and liquid are defined as:



62

B Ry 3 Volumetric Gas Recycle(SB2) Flowrate (639)
2 0.~ Qg3 Volumetric Small Bubble(SB1+ SB2) Flowrate '
Ry Volumetric Liguid Recycle(L2) Flowrate
g == T (6.40)
Oy Volumetric Liquid Flowrate
and can be computed as follows:
27 R
j ﬂuglggrdrdQ
0 r"(ug=0)
rgl2 = 5 (6.41)
aR=(U g~ Ugl)
2 R
I ﬂul (1- &g )rdrdt
0 ¥'(uy=0)
H12 = L 5 (6.42)
zR=U |

For the batch mode operation in the liquid phase, the recycle ratio for the liquid does

not exist as previously defined.

6.7 Crossmixing Coefficient for Both Gas and Liquid Phase

For a two phase bubble column system in heterogeneous churn turbulent regime or in
homogeneous bubbly flow regime, due to the shear stress between the upflow of the small
bubbles and the downflow of the small bubbles, and between the upflow of the liquid and
the downflow of the liquid (refer to Figure 4-3), the communication and exchange
between SB1 and SB2 and between L1 and L2 can be described by crossmixing
parameters called “exchange coefficients”. They are described separately for gas and

liquid.
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The dimensionless crossmixing coefficients for the small bubbles K g12 and for the

liquid Xj19 are defined as:

P kgia L _ Volumetric Small ~ Bubble Crossmixing Rate (643)
8270, ~ 0y Volumewic Gas (Small  Bubble) Flowrare '
1y kpa L _ Volumetric  Liquid Crossmixing Rate (644)

O Volumetric  Liquid Flowrate

For batch liquid, the crossmixing coefficient is:

Ky < kia L kg L Volumetric Liguid Crossmixing Rete

on On B Volumerric  Liquid Flowrate in Region Ly or Ly

(6.45)

where k 212 is the dimensional exchange coefficient (m2 / s)or simply called “ exchange

coeflicient” for small bubbles, k717 is the exchange coefficient (m2 / s) for the liquid in

continuous liquid flow mode, k:qg is the exchange coefficient (m2 / 8) for the liquid in

batch mode of operation.

In chum turbulent regime, due to the interaction between the large and small bubbles,
the dimensionless crossmixing parameter is defined as:
k g13L

Qg

Kgi 3= (6.46)

where £ g1318 the exchange coefficient (m2 / 5) between the large and the small bubbles

and Qg is the total volumetric gas flowrate, (m3 /s).
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It was found through regression analysis by Modak et al. (1993) that the interaction
between the large and small bubbles is so strong that the crossmixing coefficient between
the large and small bubbles is a very large number. This implies that the concentrations in
the upflow region of the small bubbles and in the upflow region of the large bubbles are

quite close to each other. The above assumption is used to perform model simulation.

6.8 Volume of Each Region

Since the average holdup of gas and liquid in each region is known, the total holdup
distribution can be determined from the local holdup correlation discussed in Section 6.1,
and the radial position for the small bubbles or the liquid where the interstitial velocity
becomes zero can, therefore, be calculated through the one dimensional liquid phase flow
model and the slip velocity discussed in Section 6.3. The volume in each region can then

be determined accordingly by integration of local holdup profiles.

Gas regions

The volume of large bubbles (LB) is:

— AR I
Vg3 =aR" Le gy (6.47)

where Z?EE is the average large bubble holdup which can be determined by dynamic gas

disengagement (DGD) method or by the correlations from Wilkinson et al. (1992) or
Krishna et al. (1994) (See Table 6-1).

The volume of small bubbles in the upflow region (SB1) is:

2 I

riug =0) (6.48)
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where —.L;_g:;is the average small bubble holdup determined by DGD method or by

correlations from Wilkinson et al. (1992) or Krishna et al, (1994} (See Table 6-1).

The volume of small bubbles in the downflow region (SB2) is:

R
Ver=  [2mLegar
r"(ug =0}

(6.49)

The volume of small bubbles in the upflow region where the liquid interstitial
velocity is less than zero is:
r"(ug =())
Vigi=  [2mlegar

r'(uy =0) (6.50)

Liquid regions

The volume of liquid in the upflow region (L1) is:
F'(uy =0}
Vi = j 2mrL(1~ & o Vdr

0 (6.51)

The volume of liquid in the downflow region (L2) is:
R
Vip = J-2WL(1 - ag)dr

r(w =0) (6.52)
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The volume of liquid in the downflow region where the small bubble interstitial

velocity is greater than zero is:

| _ (g =0)

1= (g =0) 2ol (1- gg)dr

(6.53)

6.9 Mass Transfer Coefficient and Interfacial Area

Considerable studies for different correlations have been reported for mass transfer in
bubble column systems. In Table 6-4 some reported correlations for mass transfer

coefficients as a function of gas and liquid properties are summarized based on their date

of publication.

Among them, Akita and Yoshida’s (1973) correlation relies on the measurement of
bubble diameters and gas hold up, but, it was only tested for gas hold up & < 0.14.
Gestrich and Krauss (1975) compared the literature data with known correlation for the
interfacial area and developed a new correlation which fits the data better than previously

reported correlation. The data covered is for superficial gas velocity less than 0.6 m/s and

056%10% < ﬂ?% <0.18*10!2. Later, a new correlation based on Hikita’s (1981) work
&My

was developed and gas hold up correlation was also proposed. Calderbrank and Moo-
Young (1961) first developed the correlations for large and small bubbles for mass
transfer coefficient as well as interfacial area for an air water system, and Shah and
Joseph (1985) pointed out its applicability based on the good fit for their system. Kawase
et al. (1987) derived a semi-theoretical correlation for Newtonian and pseudo-plastic
fluids based on Higbie’s penetration theory as well as Kolmogoroff’s theory of 1sotropic

turbulence. By fitting their own, as well as literature data, as a function of the flow

behavior index n, the constant B has been found as follows:

B=00645n" with 1,z = kylz! (6.54)
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TABLE 6-4. Mass Transfer Coefficient Correlations {Continued)
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For Newtonian {luids, n is equal to 1, implying that B=0.0645. However, from their

work, it follows that B, as determined from experiments, has values from 0.0388 to 0.104

for Newtonian liquids depending on the column diameter and the physical properties of

the liquid phase.

Suh et al. (1991) investigated the volumetric mass transfer coefficient in four sucrose

solutions and proposed a correlation (refer to Table 6-4) for three highly viscous liquids
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with the viscosity greater than 11.4 mPa.s, where churn turbulent or slug flow prevailed

throughout the whole measurements. For the low viscous solution with H] =2.6mPas,

the bubbly flow was always present due to the low superficial gas velocity. It was found

that the dependence of the volumetric mass transfer coefficient for this particular liquid
solution on the superficial gas velocity was about u§'4 . The conclusion of their analysis is

that the mass transfer coefficient in the heterogeneous regime is more affected by the gas

velocity than that in the homogeneous regime.

Wilkinson et al. (1991) analyzed their high pressure bubble column system data and
extracted the information of pressure effects on mass transfer coefficient. A correlation
was developed. In 1994, they also studied the influence of gas and liquid physical
properties on bubble diameters in a column with an internal diameter of 0.15 m and a
liquid level of 1.5 m. By means of regression analysis, they developed the dimensionless

¢quation presented in Table 6-4.

It was found that the various correlations in Table 6-4 usually can only fit their own
experimental data. For gas holdup, both negative and positive exponents for the density of
liquid were reported in Table 6-4. Therefore, we conclude that the influence of the liquid

properties 18 also not well understood yet, many discrepancies are found in the literature

so far.

Henceforth, the more general correlation for mass transfer coefficient needs to be
discovered. In this work, we used Joseph and Shah (1985)’s correlation to fit Shetty et
al.’s experimental data (1992).
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7. Simulation Results for Various Subcases of TRCFM

The implicit finite difference method with backward differences was used to solve
the partial differential equations of the proposed models for the cases of single
reaction, series reaction and parallel reaction schemes (refer to Figure 5-1 for a single
irreversible reaction). The conditions used for prediction of concentration profiles are
from Myers et al.’s (1987) experimental data as follows: superficial gas velocity = 0.1
m/s, superficial liquid velocity = 0.01 m/s, gas hold up = 0.181, column diameter =
0.19 m and the height of the column = 2.44 m. Since the superficial gas velocity is 0.1
m/s, churn turbulent flow prevails. Ueyama and Miyauchi’s (1979) one dimensional
liquid flow model is applied together with Miyauchi’s (1981) correlation for
kinematic viscosity to calculate the liquid radial velocity profile. The calculated mean
residence time for the upflow region is 7.614 (sec), the calculated mean residence
time for the downflow region is 12.211(sec) and the calculated recycle ratio is 9.632.
The dimensionless exchange coefficient is assumed to be 135 in the model simulation
based on the fit with experimental data of Myer et al.(1987) which will be discussed

in Chapter 8. This dimensionless exchange coefficient corresponds to a value of

1.57E-2 m2 /s for the dimensional exchange coefficient}. The liquid reactant and

product species are assumed to be nonvolatile.
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7.1 Concentration Distribution and Conversion Profiles for a Single

Reaction

For case 1, several different reaction rate constants are tested, k = 0.005¢ sﬁi ), k=

0.1¢ sml). It is clear from Figure 7-1 to 7-4 that, with the increase of the reaction rate

constant, the steady state reactant concentration is decreased and the product

concentration is increased. When k= 0.1 ( s"l ), nearly all the reactant is consumed at
x = 1.0 and even at x = 0.5 as well. This implies that half of the volume of this bubble

column reactor is sufficient for achieving the same amount of product. But, this is not

the case with k = 0.005 (S_I) because of the lower reaction rate constant. For steady
state condition, the location point far away from the tracer inlet has a higher product
concentration and, hence, a higher conversion for this reaction Cb (x=0.1)} < Cb

(x=0.5) <Cb (x=1.0).
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FIGURE 7-1. Reactant Concentration Distribution in the Upflow and the
Downflow Regions along the Height of the Column as a Function of Time,

A m!f——> B,k = 01571 (Step Input of Reactant)
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FIGURE 7-2. Product Concentration Distribution in the Upflow and

the Downflow Regions along the Height of the Column as a Function of Time,

A ——E—> B.k = 0171 (Step Input of Reactant)
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FIGURE 7-3. Reactant Concentration Distribution in the Upflow and the
Downflow Regions along the Height of the Column as a Function of Time,

A ——fc——> Bk = 000551 (Step Input of Reactant)
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FIGURE 7-4. Product Concentration Distribution in the Upflow and the
Downflow Regions along the Height of the Column as a Function of Time,

A Wff__> B k= 0.005s (Step Input of Reactant)

Under the steady state conditions, the concentration of reactants and conversion
for different rate constants (k = 0.1, 0.05, 0.005 1/s) as a function of axial position in
the column and in various flow regions are shown in Figure 7-5 and 7-6. The steady
state concentration of the reactant drops and the conversion increases with the
increase in the longitudinal height of the column. The changes in concentration and
conversion are higher at points closer to the bottom of the column and lower when
far away from the bottom of the column. The magnitude of the rate constants affects
the conversion and reactant concentration profiles. Conversion in the column is
always higher in the downflow region than that in the upflow region, which is to be
expected since the reactant reaching any axial location has more time to react in the
downflow region. Clearly, even at large recycle ratio and cross flow exchange
coefficient, the spatial concentration difference exists and perfect CSTR behavior is

never reached, this is due to the convection term in the model equations.
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FIGURE 7-5. Steady State Reactant Concentration Profiles for Different
Rate Constants as a Function of Longitudinal Height of

the Column for Single Irreversible Reaction

—o—k=0.1, in upflow

region
—&8—k=0.05 in upflow
X region
c —4—k=0.005 in upfiow
-g region
Py ~#-- k=01 in downflow
= region
8 —#—k=0.05 in
downflow region
~—&—k=0.005 in

downflow region

]

]

1.2

Longitudinal height, x

FIGURE 7-6. Conversion as 2 Function of Height in

the Bubble Column for a Single Irreversible Reaction

74



75

7.2 Concentration Distribution and Conversion Profiles for Series

Reactions

For the series reaction scheme where the values of reaction rate constant are k1 =

0.02 (s_i) and k2 = 0.005 (sml), the prediction of concentration profiles with time
on stream and at different locations is illustrated in Figure 7-7 to 7-9. It is evident that
the steady state concentration is higher for intermediate product B than product C.
The higher steady state concentration of the intermediate product is due to the higher
reaction rate constant k1 and lower reaction rate constant k2. The reactant
concentration is the lowest at the outlet of the column and the highest at the inlet of

the column. These results are quite realistic.

0.50
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0.40 | a
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S 020 - —
¥ x = 0.5 (Downflow)
0.10 ¢ N x=10 (Downflow)x = 1.0 (Upflow)
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FIGURE 7-7, Reactant Concentration Distribution in the Upflow and the
Downflow Regions along the Vertical Position of the Bubble Column as a

Function of Time on Stream,

yB—2 5 k20025~ ky = 000557
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FIGURE 7-8. Intermediate Product B and Product C Concentration
Distribution in the Upflow Region along the Vertical Position of

the Bubble Column as a Function of Time on Stream,

>C, k1 =0025"1 ky = 000557]

0.50 -

0.40 1

0.30 | 05 ©) A\ x=0.1(8)

x =01 (C)\

0.20 -

Cbh/Cao or Cc/Cao

0.10 -

0.00 L - s
000 100 200 300 400 500 600 7.00 8.00

Dimensionless time

FIGURE 7-9. Intermediate Product B and Product C Concentration
Distribution in the Downflow Region along the Vertical Position of
the Bubble Column as a Function of Time on Stream,
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The steady state for the reactant concentration and conversion is illustrated in
Figure 7-10. Similarly to the single reaction case discussed in section 7.1, the change
in concentration and conversion is higher near the bottom of the column than away
from the bottom region. It is also found from the above cases that, below the outlet of
the bubble column, the steady state concentration of reactant in the upflow region is
always a little bit higher than that in the downflow region, whereas the steady state
concentration of product in the upflow region is always a little bit lower than that in

the downflow region. The reason is the longer residence time in the downflow region.
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FIGURE 7-10. Conversion and Reactant Concentration as 2 Function
of Height in the Column for Series Reactions,

ky
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7.3 Concentration Distribution and Conversion Profiles for Parallel

Reactions

For the parallel reaction scheme where the values of reaction rate constant for

reaction A -—«i}m» B arekl =02 (s“l) and reaction A L C are k2 =10.05
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(S”l), the predictions of reactant and product concentration profiles with time on
stream and at different locations are illustrated from Figure 7-11 to 7-13. The higher
the reaction rate constant is, the higher the steady state concentration of product is.

Therefore, the steady state concentration of product B is greater than that of product
C.
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FIGURE 7-11. Reactant Concentration Distribution in the Upflow and the
Downflow Regions along the Vertical Position of the Bubble Column as a Function
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of Time on Stream, A » B, 4 »C,  kp=025"1 ky = 00557
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FIGURE 7-12. Product B and C Concentration Distribution in the Upflow

Region along the Vertical Position of the Bubble Column as a Function of Time
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Similar results to that of the series reaction case are found for the conversion and

the steady state concentration of reactant profiles. See Figure 7-14.
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FIGURE 7-14. Conversion and Concentration versus Vertical Positions

along the Column for Parallel Reactions
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7.4 Concentration Distribution for the Tracer Injected in the Middle
of the Bubble Column

The same operating conditions as those in Section 7.1 are assumed. The tracer is
assumed to be injected at the middle point of the bubble column and no chemical

reaction is involved (refer to Figure 5-2).

Figure 7-15 and 7-16 illustrate liquid tracer responses obtained from the liquid
tracer injected in the upflow region in the middle of the bubble column. In the upflow
region at X > 0.5, the concentration increases with time on stream and the
concentration increases faster as the measurement location is closer to the tracer
injecting point and vice versa. At steady state condition, all the concentration profiles
at x> 0.5, approach 1. However, at x < 0.5, the situation is different, due to the liquid
inlet at x = 0 which dilutes the concentration of the tracer injected at a steady rate at
x=(.5 for all locations at x < (.5 so that the steady state concentration is less than 1.
The further the measurement point is from the injection point at x < 0.5, the lower the
steady state concentration is. In addition, it is also found that, for the upflow and the
downflow regions at x > 0.5 but below the outlet of the bubble column, before the
tracer reaches steady state condition, the concentration is higher in the upflow region
than that in the downflow region. But, at x < 0.5, the concentration goes up faster in
the downflow region than in the upflow region and, therefore, the steady state

concentration is higher in the downflow region than that in the upflow region.
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The cross sectional average tracer concentration at a fixed vertical position can be

defined as follows:

27 R

[ [a-e,)Ciraras

Cp=L— (7.1)
j Jm’rd@
00

In TRCFM model, for either upflow or downflow region of liquid, at a given
Iongitudiﬁal position, the local concentration is assumed to be independent of the
radial position in that region. By weighted average in upflow and downflow regions,
the above Equation can be simplified as follows:

e n Vio

Cl = WCH +MCI2 (72)
Fn+V) n+Vp)

where V)1,V are the volume of the liquid in upflow and downflow regions and can
be determined by Equation 6.51 and 6.52 in Chapter 6.

Figure 7-17 shows the cross sectional average concentration distribution versus

time on stream along different vertical locations

This result is useful since the cross sectional average tracer concentration along
the column may be related to the response of scintillation detectors by using
radioactive tracer measurements such as CARPT (Devanathan et al. 1990). This
method may also be used for future interpretation of Laporte tracer runs for Air

Product & Chemical (1990),

The concentration differences in both upflow and downflow regions can also be
verified experimentally by radioactive tracer measurements. By injecting radioactive

tracer in the middle of the bubble column with one experiment in the upflow region



84

of the liquid and another experiment in the downflow region of the liquid. The
scintillation detectors are located both above the tracer injection points and below the
tracer injection points. The different responses of the detectors indicate the different

cross sectional average concentration for these two experiments.

1.0
x=10
5o | i
S ‘=045
=6 | e
(Y
o
> %y x=0.25
[} ] 3
5'4
Q
02 ) y x=0.10
04

0 05 1 15 2 25 3 35 4
Dimensionless time
FIGURE 7-17. Cross Sectional Average Tracer Concentration versus Time

on Stream with Tracer Injection in the Middle of the Column

7.5 Concentration Distribution of Impulse Liquid Tracer Injected
at the Bottom of the Column for Continuous Flow of Gas and Batch

Liquid Operation

Under continuous flow of gas and batch liquid operation, the gas enters at the
bottom of the bubble column. The operating conditions are assumed as follows:
Superficial gas velocity, 0.1 m/s; diameter of the column, 0.19 m; height of the
column, 2.44 m; average gas holdup, 0.181; dimensionless exchange coefficient, 135.
Using one dimensional liquid flow model of Ueyama and Miyauchi (1979), the

calculated mean residence time in the upflow region of the liquid is 7.713 (sec), the
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calculated mean residence time in the downflow region of the liquid is 11.537 (sec).
A pulse of non volatile liquid tracer is injected at the bottom and near the center of

the column (located in the upflow region of the liquid). Using RCFM, the impulse
tracer responses at different vertical positions and in different regions (upflow and

downflow) are illustrated in Figure 7-18 for the upflow region and Figure 7-19 for the

downflow region, respectively.

It is seen that the “overshoot” response happens near the bottom of the column
(close to the inlet of pulse tracer position) and the “overshoot” tracer response appears
both in the upflow and downflow regions. From Figure 7-18 and 7-19, the peak
concentration of the “overshoot” tracer response for the same vertical position is
always a little bit higher for the upflow region of the liguid than that for the downflow
region of the liquid. “overshoot” response doesn’t appear much in both upflow and
downflow regions when the vertical position is far away from the bottom. These
overshoot phenomena were also found from Air Product & Chemical’s report for
Laporte tracer runs in slurry bubble column reactors (1990). A quantitative
comparison 1s needed for further validation. But, for ADM model, it is impossible to

simulate the “overshoot” behavior. This result indicates the need of this model.
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From Figure 7-18 and 7-19, it is also found that the tracer concentration at
different positions finally approaches the same concentration. Under the steady state

condition, tracer concentration becomes uniform in the bubble column. This result

reflects reality.

Similar to Section 7-5, the cross sectional average concentration can also be
calculated (refer to Equation 7.1 and 7.2). Figure 7-20 is the cross sectional average
tracer concentration response versus time on stream at different vertical position in
the column. This result may be applied for comparing with the scintillation detector

responses by radioactive tracer measurements for future interpretation of Laporte
tracer data (1990).
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8. Application of TRCFM

8.1 Application of the Subcases of TRCFM for Gas or Liquid Phase
Mixing

8.1.1 Myers et al. (1987)’s Tracer Data for Liquid Phase Mixing

The liquid tracer response in air-water bubble column system was obtained
experimentally by Myers et al. (1987). Air and water were introduced into the bottom of
the bubble column and a pulse of methylene blue liquid tracer was injected into the
bottom of the column. Other operating conditions are as follows: superficial gas velocity
of 0.1 m/s, superficial liquid velocity of 0.01 m/s and average total gas hold up of 0.181,
column diameter of 0.19 m and column height of 2.44 m. Based on the one dimensional
liquid flow model from Ueyama and Miyauchi (1979), the calculated mean residence
times in the upflow and downflow regions are 12.211 (sec) and 7.614 (sec), respectively,

and the calculated recycle ratio 1s 9.632.

The liquid phase recycle with cross flow model (RCFM) is used to match the
experimental data. By changing the exchange coefficient between the upflow and the

downflow regions, it is found that the best fit is achieved when dimensionless exchange

coefficient equals 135 or dimensional exchange coefficient is 0.0157 m? /5. The quality
of fit for dimensionless pulse response in the air-water system is illustrated in Figure 8-1.

The impulse tracer data response is presented by the E(t) curve. The slug and cell model,
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developed by Myers et al. (1987), and the RCFM are both used to fit the data. Excellent
fit is achieved for both of the models. This indicates again that RCFM is a good choice

for modeling liquid phase mixing,
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s 0.60 T : ~ ~ ~ Slug and Cell
1t
0.40 +i
|
0.20 - f
0.00 ; : - t
0.00 1.00 2.00 3.00 4.00

Dimensionless Time, ©

FIGURE 8-1. Comparison of the RCFM, Slug and Cell Model Predictions
with Myers et al. (1987)’s Experimental Data in Air-Water System
{Continuous Flow of Gas and Liquid)

8.1.2 Towell and Ackermann (1972)’s Tracer Data for Gas Phase
Mixing

In the two phase bubble column system, as was pointed out by Vermeer and Krishna
(1981), the homogeneous regime is maintained when the superficial gas velocity is

approximately less than 0.07 m/s. The recirculation of the liquid also results in the
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circutation of the small bubbles. The reason is that the interstitial small bubble velocity
and interstitial liquid velocity are related by the slip velocity. The slip velocity is not high
enough and can’t offset the downflow of the liquid in the annular region. Therefore, the
motion of the small bubbles is similar to the motion of the liquid, that is: upflow in the
core of the bubble column and downflow in the annual region, refer to Figure 5-4. As
shown in Section 8.1.1, a subcase of TRCFM (RCFM) is a good choice for modeling
liquid phase mixing. But, its applicability for gas phase mixing is unknown. In addition,
an overview of the past literature reveals that modeling of gas phase mixing is much less

reported than that of liquid phase mixing. Therefore, here, the RCEM (Subcase of
TRCFM) is tested for gas phase mixing,

The step down tracer response data was from Towell and Ackerman (1972). Two sets
of experimental runs were included. The Freon gas tracer was used in the experiments. It

is regarded as a non-soluble gas tracer. Air and water were introduced into the bottom of

the bubble column.

In case A, the bubble column had a superficial gas velocity of 0.0326 m/s (bubbly
flow regime), a superficial liquid velocity of 0.0135 m/s and gas holdup was 0.133, the
column had a diameter of 0406 m and the height of the column was 3.42 m. The
calculated mean residence time for upflow region of the small bubbles is 8.418 sec. The
calculated mean residence time for downflow region of the small bubbles is 21.327 sec.

The recycle ratio is 0.1059.

In case B, the bubble column had a superficial gas velocity of 0.0344 m/s {bubbly
flow regime), a superficial liquid velocity of 0.0072 m/s and gas holdup was 0.139. The
column had a diameter of 1.280 m and the height of the column was 5.11 m. The

calculated mean residence time for upflow region of the small bubbles is 12.292 (sec).
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The calculated residence time for downflow region of the small bubbles is 18.313 (sec).

The recycle ratio 1s .2746.

As the superficial gas velocity is quite low, it is safe to assume that the homogeneous
flow regime prevails. Therefore, uniform bubble size (small bubbles) distribution is

assumed. The small bubbles are assumed to go upward in the core of bubble column and

go downward near the wall.

The comparison between the step down gas tracer response data and the prediction
from the proposed model is shown in Figure 8-2 for case A and Figure 8-3 for case B. It
is noteworthy that the normalized tracer concentration is plotted against dimensionless

time (U gt { Lg g) in Figure 8-2 and Figure 8-3. The concentration was normalized with

the initial step value of the concentration. The best fit is found when the dimensionless
exchange coefficients are 1.05 for case A and 0.9 for case B. Tt is shown that excellent
result is achieved for case A and satisfactory result can be achieved for case B. This
indicates that the (RCFM) can be applied not only for modeling liquid phase mixing
but also for modeling gas phase mixing in the bubble column system. The suitability

of model for both gas and liquid phase mixing is, therefore, examined next.

8.2 Applications of TRCFM for Two Phase Mixing with Mass

Transfer

8.2.1 Shetty et al. (1992)’s Data for a Small Size Bubble Column

Shetty et al. (1992) performed a series of gas tracer experiments in a cylindrical
column of 0.15 m inside diameter in an air-water system. The height of the bubble

column was 3 m. The column was operated at atmospheric pressure.
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A sensitive quadruple mass spectrometer was used to measure the tracer concentration

for the gas phase exiting the funnel. Sampling was done by a 50 um diameter capillary

inlet probe. Helium was used as gas tracer.

It was concluded by Shah and Joseph (1985) that the assumption made by most of the
previous investigators in neglecting the mass transfer of Helium to water is not reasonable
since neglecting the mass transfer contribution can only be justified for the dimensionless
Henry’s coefficient greater than 1000. For Helium in water at ambient temperature

condition, the  reported Henry's coefficient is equal to 106

mol / m3(ga5)*m3 (liquid)/ mol (Shetty et al.(1992)). Therefore, it can only be

classified as a soluble tracer.

The overall gas hold up was determined from the steady state pressure profile
obtained by using eight pressure transducers along the column height. The hold up of
small bubbles was calculated from the steady state pressure difference after a shut down

in the gas supply to the column.

The superficial gas velocity in this experiment was 0.15 (m/s). Therefore, the churn

turbulent regime prevails. The superficial liquid velocity was 0.011 (m/s).

The experimental data is as follows: The dimensionless Henry’s coefficient, H=106
(mol/m3(gas)*m3(liquid)/m0!), the average small bubble hold up, "5_5 = 0117, the
average large bubble hold up,a =0.063, the total average gas hold up,g; =018, the
superficial gas velocity, ug =015 (m/s), the superficial liquid velocity, ) = 0.011 (m/s),

the column had a diameter of 0.15 m, the height of the bubble column was 3 m.
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Shetty et al. (1992) used the axial dispersion model (ADM) with two bubble size
distribution to fit the experimental data. They assumed that the large bubbles go upward
in plug flow and both the small bubbles and the liquid phase follow ADM due to

backmixing, but the interaction among the large and small bubbles was neglected in their

model.
The TRCFM was used based on Shetty et al.’s (1992) experimental data above.

The liquid velocity profile is calculated by assuming Ueyama and Miyauchi’s (1979)
one dimensional model. The Lockett and Kirkpatrick (1989)’s correlation for slip velocity
15 used in the model. The interstitial velocity for the small bubbles can, then, be
calculated according to the slip velocity and the liquid interstitial velocity. The small

bubble and large bubble hold up values were from Shetty et al.’s (1992) experiments.

As was pointed out by Modak et al.(1993) that the interaction between the large and
small bubbles is so strong that the dimensionless exchange coefficient is a very large

number. A value of K,j3 of 1000 and 10000 is used and no difference is found for the
concentration profiles (see Figure 8-4). Therefore, it can be safely assumed that X g130f
1000 1s numerically large. In this work, Kg13 of 10000 is used as the dimensionless

exchange coefficient between the large and small bubbles to perform simulation.
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FIGURE 8-4. Effect of Interaction Between Large and Small Bubbles
(Kg13 = 1000 and Ky;3= 10000) on the Tracer Curves

The correlation for mass transfer coefficient from Shah and Joseph (1985) is used to
match the experimental data. The dimensionless exchange coefficients for small bubbles
(SB1 and SB2) and for liquid (L1 and L2) are 1.75 and 80 for the best fit of the tracer
curves at the outlet of the bubble column. The normalization procedure for the impulse
response tracer curves was discussed in Section 4.2.1.1. In summary, the following

parameters were estimated (see Table 8-1).
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TABLE 8-1. Summary of Parameters Used to Fit Shetty et al. (1992)’s
Experimental Data by Using TRCFM Model

Parameter | Units Value

T gl S 3.87

Tgo s 47.19
Tg3 &) 1.97

T § 10.16
T s 16.58
Tel2 0.0215
112 7.10
Kq12 1.75
Kna 80

ko12 m /s 40.50E-3
ko m2 /s 57.57E-3
(k;a)l /s 0.0234
(k!a)s /s 0.1039
H mol/m?’(ga.s)*m3(liguz'd)/mol 106

The comparison of experimental data with simulation results for TRCFM and ADM

is presented in Figure 8-5.
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FIGURE 8-5. Comparison of TRCFM, ADM Simulation Results at the Outlet of
the Column with Shetty et al. (1992)’s Experimental ljata. For simulation of
TRCFM, K12 = 1.75, Ki;2 = 80, (kja)' = 0.0234 1/s, (kia)* = 0.1039 1/s

It is clear that a satisfactory fit can be achieved with the TRCFM. Although an almost
equivalent fit can also be achieved by the axial dispersion model (ADM), the axial
dispersion model lacks the physical basis to describe gas and liquid phase mixing in

bubble column reactor.

8.2.2 Field and Davidson (1980)’s Data for a Large Size Bubble Column

Another set of experimental data was from Field and Davidson (1980). In their
experiments, a large bubble column was used, and the diameter of the column was as
large as 3.2 m, the aerated liquid height was as high as 18.9 m. Temperature in the system

was 370-410 K. The superficial liquid velocity was 0.034 m/s, the superficial gas velocity
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was 0.052 m/s. A radioactive gas tracer, Ar4l, was used so that the detection devices
could be placed externally to the column. Detectors were placed at the inlet and outlet.
The detectors were scintillation counters connected to rate meters and a UV recorder.
Radioactive Argon was mixed with compressed nitrogen and injected into the air feed

system. As Ar4l has a finite solubility in the liquid, there was an exchange of tracer

between the gas and the liquid.

The system was air-organic liquid system containing mostly paraffin. As the
superficial gas velocity was 0.05 m/s in this experiment, it can still be assumed that
bubbly flow regime prevails (refer to Figure 4-5). Therefore, uniform small size bubbles

are assumed, the average hold up was taken as 0.34 which was determined from the

reported experiments.
In summary, the physical properties and operating conditions were:

The diameter of the column was 3.2 m, the aerated liquid height was 18.9 m, the

operating temperature was 370-410 X, the superficial liquid velocity, uywas 0.034 m/s,

the superficial gas velocity, ugwas 0.052 m/s, the average gas hold up,§;20.34

5

therefore, the average small bubble hold up, &4, =0.34. The liquid viscosity, 22 = 0.3

cp, the liquid density, p; = 800 kg / m

Field and Davidson (1980) used ADM for both gas and liquid phases. Following
Ostergaard and Michelson (1969), the interface mass transfer was neglected in their

model.

The TRCFM is used based on Figure 4-5 for bubbly flow regime. A uniform small

size of bubbles is assumed due to low superficial gas velocity. Backmixing of small



99

bubbles and liquid is assumed. Since Ar41 has finite solubility in the liquid, it is not a
good assumption to simplify the model by neglecting the mass transfer term through
assuming equilibrium between the phases in Field and Davidson’s (1980) analysis.
Actually, Van Vuuren (1988) criticized their analysis and it was found that the Henry’s
coefficient for Ar41 in paraffin is about 5.4 and the mass transfer term needs to be
included. Therefore, in TRCFM, the coupling of the phase is considered through the mass
transfer coefficient. The one dimensional liquid flow model from Ueyama and Miyauchi
(1979) is used. The best fit is achieved for Henry’s coefficient of 6 and mass transfer
coefficient of 0.005 1/s. It is found that the value of Henry’s coefficient used is quite
close to the number reported by Van Vuuren (1988).

In summary, the following parameters are used in order to achieve the best fit (see
Table 8-2).
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TABLE 8-2. Summary of Parameters Used to Fit Field and Davidson
(1980) ’s Experimental Data (1980) by Using TRCFM Model

Parameter Units Value
fel sec 37.08
: sec 18.17
I sec 7.46
‘n sec 12.68
Fel2 1.566
2 17.948
Keia 11
K2 | 7
kgi2 m /s 0.242
kii m2 /s 0.101
(kja)® l/s 0.005
H mol { m? (gas)* m’ (liguid) | mol| 6.0

Figure 8-6 shows the comparison between TRCFM results and the experimental data.
It is shown that TRCFM fits this set of experiment data satisfactory. The normalized

procedure of impulse response tracer curves can be referred to Section 4.2.1.1.



101

1 o
. —— Field and
S 0.8 7 : Davidson's Data
= | — TRCEM
[T
=}
¥ 04 ¢
g
<
U 02 ¢

0 : ;

0 1 2 3

Dimensionless Time

FIGURE 8-6. Comparison of Field and Davidson’s Experimental Data of Soluble
Gas Tracer (1980) at the Outlet of the Bubble Column with TRCFM Simulation
Results (Continnous Flow of Gas and Liquid)

8.2.3 Some Predictions

8.2.3.1 Concentration Profiles in Each Region

The concentration profiles in the upflow and downflow regions of small bubbles are
shown in Figure 8-7 to 8-11 for Shetty et al.’s (1992) data. It is clear that the
concentration of the tracer is higher in the upflow region than that in the downflow region
at the same longitudinal position in the bubble column. This result is similar to the result
for the RCFM prediction with chemical reactions. Thisis due to a longer residence time
in the downflow region of small bubbles. The same result is observed for the
concentration curves of upflow region of liquid and downflow region of liquid because

of longer residence time in the downflow region of the liquid than that in the upflow
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region of the liquid. (refer to Figure 8-7, 8-8, 8-9 and Figure 8-10 and 8-11 for Shetty et

al.’s data).
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FIGURE 8-7. Soluble Gas Tracer Step Response of Small Bubbles in the
Upflow Region along the Height of the Bubble Column Based en
TRCFM and Operating Conditions from Shetty et al. (1992)
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FIGURE 8-8. Soluble Gas Tracer Step Response of Small Bubbles in the
Downflow Region along the Height of the Bubble Column Based on
TRCFM and Operating Conditions from Shetty et al. (1992)
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FIGURE 8-9. Soluble Gas Tracer Step Response of Large Bubbles in the
Upflow Region along the Height of the Bubble Column Based on
TRCFM and Operating Conditions from Shetty et al. (1992)
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FIGURE 8-10. Soluble Gas Tracer Step Response of Liquid in the
Upflow Region along the Height of the Bubble Column Based on
TRCFM and Operating Conditions from Shetty et al. (1992)
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FIGURE 8-11. Soluble Gas Tracer Step Response of Liquid in the
Downflow Region along the Height of the Bubble Column Based on
TRCFM and Operating Conditions from Shetty et al. (1992)
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The almost identical tracer curves of large and small bubbles indicate strong

interaction (coalescence and break-up) and mixing between the large and small bubbles.
8.2.3.2 Concentration Profiles Along Longitudinal Direction

Using Shetty et al.’s experimental operating conditions (1992) for the TRCFM, the
tracer response curves are presented in Figure 8-7 to 8-11 at x =0.1, 0.5, 1.0. The
normalized response to step input, C/Cmax of tracer curves in different regions such as
SB1, SB2, L1, L2 and LB are presented in Figure 8-7 to 8-11, respectively. It is found
that the contour of the tracer curves moves to the increasing values of time on stream as x
increases. It is also seen that, for a step injection of tracer represented by a Heaviside’s
step function, the normalized step response curves for the gas tracer approach 1 at large
times and the normalized tracer curves for the liquid go to a value which approaches 1/H,
where H is Henry’s constant. This means that the equilibrium between the phases is

nearly achieved close to the outlet of the bubble column ( HC; — Co »0).

The concentration profiles obtained as a response to an impulse gas tracer input are
shown in Figure 8-12 to 8-16, respectively. The curves become broader with the increase
of axial position indicating increased backmixing. With one dimensional ADM, it is
impossible to obtain these results for different regions. This is the limitation of the
conventional one dimensional ADM. The normalized procedure of impulse response

tracer curves is referred to Section 4.2.1.1.
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Bubble Column (Operating Conditions from Shetty et al. (1992))
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FIGURE 8-13. TRCFM Prediction of Impulse Soluble Gas Tracer Response
for the Small Bubbles in Downflow Region at Different Vertical Positions in the

Bubble Column (Operating Conditions from Shetty et al. (1992))
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FIGURE 8-15. TRCFM Prediction of Impulse Soluble Gas Tracer Response for

the Liquid in Upflow Region at Different Vertical Positions in the
Bubble Column (Operating Conditions from Shetty et al. (1992))
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FIGURE 8-16. TRCFM Prediction of Impulse Soluble Gas Tracer Response
for the Liquid in Downflow Region at Different Vertical Positions in the

Bubble Column (Operating Conditions from Shetty et al. {1992))

8.2.3.3 Solubility Effect

The effect of solubility of the gas tracer on the tracer curves is studied using Field and
Davidson’s data (1980) with different gas tracer solubility of H = 6, 12, 24, 100
mol / m3(gas) *m (liquid) / mol . The dimensionless exchange coefficient for the small
bubbles, Kj =12, the dimensionless exchange coefficient for the liquid, Kp =8,
(similar to the fitting parameters from Field and Davidson (1980)’s experimental data),
the mass transfer coefficient, kja = 0.0065 1/s. The results are illustrated in Figure 8-17. It
is evident that the solubility of the tracer does affect the tracer curve. The higher the
solubility (lower H values) is, the longer the tail of the tracer curve is. The tracer curve
drops slower with increasing solubility. In addition, the time to achieve the peak value of
the impulse tracer response curve is almost identical for all three cases. The result with

“long tail” in the case of high solubility is consistent with Vermeer and Krishna's
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experimental result (1981) during their experiment of using soluble Argon 41,
CHg and COy tracer in turpentine liquid system. This indicates that the solubility has an
impact on the tracer curves. The correction for solubility effect is needed in order to
achieve more accurate result during tracer study. Cmax is the maximum tracer

concentration in the outlet of the column for a pulse injection of tracer for different gas

solubility.
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FIGURE 8-17. Solubility Effect on the Gas Tracer Curves at the Outlet
of the Column based on TRCFM Model

8.2.3.4 Effect of Mass Transfer Coefficient

The mass transfer coefficient has effects on the tracer response are illustrated in
Figure 8-18. Most of the operating conditions used are based on Field and Davidson’s

(1980) experimental conditions. The dimensionless exchange coefficients for the upflow
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and the downflow of small bubbles and for the upflow and the downflow of liquid are

chosen as 12 and 8, respectively.

The different values of mass transfer coefficient &;¢ of 0.65, 0.065 and 0.0065 1/s are
applied in the model equation. It is assumed that Henry’s coefficient is as small as 6
mol /m3(gas) *m3(lz'quid)/ mol . This indicates that gas is quite soluble. It is shown that the
tracer curves moves to the increasing values of time as the value of mass transfer
coefficients decreases. Furthermore, the tails of the impulse tracer curves become longer
with the increasing values of mass transfer coefficients. More interestingly, with the
increase in mass transfer coefficient, the ‘second small hump’ occurs with the high value
of mass transfer coefficient ( kja of 0.65 1/s) when dimensionless time ranges from 0.4
to 0.6. As we know the gas tracer with such low Henry's coefficient is highly soluble.
This second peak is consistent with Vermeer and Krishna’s (1981) experimental data by
using soluble Ar,CHqorC(O as a gas tracer in the solvent turpentine 5. These
phenomena also appear in Air Products & Chemicals, 1990 to DOE’s report for their
interpretation of tracer curves for the Laporte slurry bubble column reactors. The
simulated mass transfer coefficient used was the same magnitude as that is used in the
simulation of &ja = 0.65 1/s (Toseland et al.(1994)). Up 1o now, the second peak of tracer
curves hasn’t been reported by using conventional mixing model such as ADM. But, this

can be handled by TRCFM, which indicates the applicability of this model.
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Gas Tracer Cuarves at the Qutlet of the Column based on TRCFM
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9. Conclusions

The proposed “Two Phase Recycle (Rectreulation) with Cross Flow Model
(TRCFM)” is a good choice for modeling both gas and liquid phase mixing. It fits the
current experimental data for both large and small bubble columns well. TRCEM is
applicable for either churn turbulent regime or bubbly flow regime in the bubble column
reactors. These are the two common flow regimes in the current operation of industrial
bubble columns. Definitely, it has significant potential for future modeling of the

industrial bubble columns reactors.

Based on the findings discussed above, in summary, TRCFM has the following

advantages:

It is more physical than conventional ADM because the bimodal bubble size
distribution is incorporated in the model. The gas and liquid upflow and downflow are
included. Therefore, the backmixing is modeled based on the observed flow pattern.
Different concentration profiles in different regions can be determined, which is
impossible for the conventional ADM to achieve. The different mixing behavior of large
and small bubbles is described in the model. Various interactions between the large and
the small bubbles, between the liquid in the upflow region and the liquid in the downflow
region, between the small bubbles in the upflow region and the small bubbles in the
downflow region are incorporated in the model. The liquid phase reaction may also be

mcorporated in the model. The coupling of the phases is brought in through the mass
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transfer coefficient. A weighting function is defined to represent the contribution of mass
transfer for different size of bubbles or the same size of bubbles in different regions. Alf
these considerations make the TRCFM reflect realty. In some sense, this model is ” two

dimensional”.

In addition, the RCFM (subcase of TRCFM) has been successfully applied for both
gas and liquid phase mixing. The good fit of the RCFM with Myers et al.’s (1987)
experimental data indicates once again that RCFM can be used for investigating liquid
phase mixing in the bubble column system. The comparison of RCFM with Towell and
Ackerman (1972)’s gas tracer data in a medium size bubble column indicates that RCFM

can also be extended for modeling gas phase mixing,

The predicted results of the liquid phase recycle with cross flow model {subcase of
TRCFM) with different chemical reaction schemes seems quite realistic. The same
realistic result is apparent from the model prediction for the tracer injected in the middle
of the bubble column. If, later, these can be verified experimentally, the proposed model
will have important advantages over the conventional ADM in modeling the

concentration distribution in the bubble column.

The difference of concentration profiles in the upflow and downflow indicates that it
is important to consider this effect during experimental tracer study or chemical reaction
study in order to obtain the local concentration more accurately. That is to say, the
average concentration at a given height of the bubble column may be quite different from
the local concentration at the same height. More detailed experimental technique 1s

needed to verify these results.
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Simulation of mass transfer coefficients and solubility effects on the impulse tracer
curves indicates TRCFM model mimics the experimental discoveries. The experimental

observations such as tracer’s “second peak” has never been simulated successfully by

conventional model such as ADM.

Simulation of pulse liquid tracer response under the continuous flow of gas and batch
liquid operation reveals the “ overshoot” response near the tracer injection position. This

result is consistent with Laporte tracer runs ( Air Product, 1990). For ADM, it is

impossible to simulate such behavior.
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10. Recommendation for Future Work

The even better fit with experimental data may be achieved by adding axial turbulent
diffusion terms in the SB1, SB2, L1 and L2 regions instead of assuming plug flow with
crossmixing as done in our model. But, how to treat four additional eddy diffusion
coefficients theoretically or experimentally needs to be further studied. The average
turbulent eddy diffusivity in the liquid phase may be used for the axial dispersion
coefficients in the upflow region of the liquid and the downflow region of the lquid. It
was found by Degaleesan et al. (1996) that eddy diffusivity may also be obtained from
CARPT in their laboratory, By averaging the radial eddy diffusivities in the upflow
region of the liquid phase and the downflow region of the liquid phase, the eddy diffusion
coefficients of the liquid phase may be obtained in L1 and .2 regions. The average value
of the radial eddy diffusivity at the point of inversion (the point where the interstitial
liquid velocity is zero) may be used as an estimate of exchange coefficient between the
upflow of liquid and the downflow of the liquid. A similar theory needs to be exploited to
obtain the axial dispersion coefficients of small bubbles in both the upflow and the
downflow regions as well as the exchange coefficient between the upflow of smail

bubbles and the downflow of small bubbles.

In addition, the mean residence time in the four mixing zones (LM1, LM2, GM1 and
GM2, refer to Figure 4-3) may be considered in order to have more accurate results. In
our current model, we assume negligible mean residence time. How to determine the

volumes and flow pattern in these four zones is a subject for further investigation.
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The correlations of mass transfer coefficient and interfacial areas need to be further
developed to match the data with various operating conditions. Most of the existing

correlations from different authors usually can only be applied for their operating

conditions (refer to Table 6-4).

The new experimental apparatus needs to be “developed such as optical probe or

conductivity probe to obtain the bubble rise velocity and bubble size distribution.

The more accurate result may be achieved by experimentally determining liquid
interstitial velocity profile and holdup distribution such as CARPT together with CT
developed in CREL laboratory (Devanathan et al. (1990) and Kumar et al. (1994)) instead

of using empirical correlations.

Since TRCFM can explain some experimental observation such as “long tail”,
“second peak” for soluble gas tracer and “overshoot” response for liquid tracer during
batch mode operation of the liquid, the quantitative validation of TRCFM with those
experimental data such as tracer curves for the Laporte bubble column reactor is needed

(Air Product & Chemical (1990) and Toseland et al. (1994)).

Finally, if all the above can be achieved, then the population balance equations of the
bubble size distribution may be incorporated into the model equations instead of only

assuming two bubble classes.
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